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Abstract

In industrial practice, conceptual process design is typically conducted by repetitive simu-
lation studies, which require detailed design specifications in an early design phase. Guided
by heuristics, these iterative solution procedures result in high manual effort and, in addi-
tion, no guarantee concerning the quality of the solution can be given. Optimization-based
design methods provide a tremendous potential to accelerate and improve conceptual pro-
cess design.

Various authors have therefore suggested the use of surrogate models, which do not re-
quire detailed specifications. Others have developed methods for the optimization-based
process design by means of superstructure optimization. Marquardt, Kossack and Kraemer
(2008) proposed a framework for an optimization-based design of hybrid separation pro-
cesses, which combines shortcut and rigorous evaluation steps. This framework has been
successfully demonstrated for conceptual design of various processes (see, e.g., Krämer,
Harwardt, Bronneberg and Marquardt, 2011).

In this thesis, the process design framework of Marquardt et al. (2008) is extended
towards the optimization-based design of reaction-separation processes. For this purpose,
powerful shortcut and rigorous evaluation methods for reactor networks and reaction-
separation processes are proposed. It is important to emphasize that all of these methods
are developed to be computationally efficient in order to allow an optimization-based design
and analysis of large-scale processes. As a consequence, cost-optimal process solutions
can be obtained with considerably less effort compared to the use of tedious repetitive
simulation studies. It also has to be stressed that the performance of all methods is
validated by large-scale industrial case studies. Thus, it is shown that the process design
framework can contribute decisively towards the sustainable solution of today’s challenging
design problems in chemical engineering.
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Kurzfassung

Die Verknappung fossiler Rohstoffe, steigender Wettbewerbsdruck und die Forderung nach
nachhaltiger Produktion treiben die Suche nach effizienteren Produktionsprozessen an.
Diese Prozesse werden in einem kreativen Entwurfsprozess entwickelt, wobei heutzutage
neue Prozessvarianten häufig anhand von Erfahrungswissen und Heuristiken generiert und
anschließend mit Hilfe von Synthesewerkzeugen evaluiert werden. Alternativ bieten op-
timierungsbasierte Entwurfsmethoden das Potential die Entwicklung neuer, innovativer
Prozesse zu unterstützen.

Bei der Optimierung von Reaktions- und Trennprozessen mit rigorosen Modellen entste-
hen sehr große Gleichungssysteme, die auf Grund ihrer starken Nichtlinearität nur schwer
zu lösen sind. Um die Komplexität der Modelle zu reduzieren, können in einem ersten
Schritt Näherungsverfahren verwendet werden. Hierdurch kann zunächst die strukturelle
Vielfalt der Prozessvarianten reduziert werden. Diese Herangehensweise bietet den Vorteil
einer sehr kompakten Formulierung der Optimierungsprobleme. Bei der Optimierung von
Reaktions- und Trennverfahren mit Näherungsverfahren werden üblicherweise Gleichge-
wichtsreaktoren modelliert und das dafür nötige Reaktionsgleichgewicht mit Hilfe ther-
modynamischer Gleichungen bestimmt. Der optimale Betriebspunkt kann jedoch von
diesem Reaktionsgleichgewicht abweichen. Daher wird in dieser Arbeit ein kinetik-basiertes
Näherungsverfahren für Reaktornetzwerke vorgestellt, welches das, durch eine Verschal-
tung beliebiger Reaktortypen, erreichbare Gebiet abbilden kann. Darauf aufbauend wird
eine systematische Initialisierung der rigorosen Modelle vorgestellt, mit deren Hilfe die
Robustheit und Effizienz der rigorosen Optimierung verbessert werden kann.

Um den Entwurf von katalytischen Prozessen zu unterstützen wird anschließend eine
Heuristik für die Generierung von katalytischen Prozessvarianten entwickelt. Diese Heuris-
tik integriert nicht nur die Entscheidungen, die an die Auswahl des Katalysators gekoppelt
sind, in den Entwurfsprozess. Sie adressiert auch die für den Entwurfsprozess notwendigen
Laborexperimente und dient somit als Forschungswerkzeug zur Planung und Auswertung
von Laborversuchen.

Zuletzt werden die Schlussfolgerungen über die Bedeutung und Anwendbarkeit von
Näherungsverfahren und rigorosen Optimierungsmethoden für den Entwurf von Reaktions-
und Trennprozessen zusammengefasst und offene Fragestellungen abgeleitet.

XIV
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1 Introduction

1.1 Conceptual design of chemical processes

Depleting natural resources, increasing international competition, and the desire for sus-
tainability foster the chemical industry to pursue more efficient processes. The conceptual
design paves the way for the efficiency of a process and is therefore not only one of the
most complex, but also one of the most important tasks in the development of a new
chemical process. It comprises the selection of suitable unit operations, their combination
and interconnection in a general flowsheet structure as well as the rough sizing and costing
of equipment. The choices made in this early design stage already set the course for a
successful process, as they typically account for about 80% of the final cost of the entire
process (Biegler, Grossmann and Westerberg, 1997). While modern commercial process
simulators allow the evaluation of complex flowsheets with a multitude of unit operations
and recycle streams, new process variants are often generated based on expert-knowledge
and heuristics involving problem decomposition. Examples are the hierarchical approach to
conceptual design (Douglas, 1988) or the onion model (Smith and Linnhoff, 1988) which
pragmatically decompose the design task into subproblems for the reactor network, the
separation and recycle system, as well as the heat exchanger network design. These de-
pendent subproblems are consequently assessed in subsequent steps, to reduce complexity
in the extremely large design space. Consequently, most of the approaches to conceptual
process design deal only with one of these specific subproblems.

A recent database search (Cremaschi, 2015) yielded over 1200 publications in the main
areas of reactor network, distillation-based separation systems, and reaction-separation
process design with at least a linear increase in the total number of publications over the
last two decades (cf. Figure 1.1). However, less than 20% of the contributions deal with the
design of reaction-separation processes, since the simultaneous optimization of the design
subproblems is still a computationally difficult problem (Kallrath, 2000). In the following,
a broad overview on the existing design methods is provided. Hereby, only the key features
are outlined, while a more comprehensive presentation of the technical details can be found
in the cited literature.
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Figure 1.1: Number of process design publications.

1.1.1 Design methods for reactor networks

Existing design methods for reactor networks can be grouped into four main areas: heuris-
tics, attainable region concepts, dynamic optimization, and superstructure optimization.
Reactor selection heuristics can be classified into criteria based on experience and model
evaluation (Schembecker, Dröge, Westhaus and Simmrock, 1995, Till, Sand, Engell, Schem-
becker and von Trotha, 2003). In many cases, the heuristics are easy to apply, easy to use,
and may result in an appropriate choice of a reactor network for common reaction classes.
However, these criteria may hinder the development of innovative reactor concepts and the
potential of their application to complex systems is limited.

In order to assess attainable performance targets of arbitrary reactor networks Horn
(1964) introduced the concept of attainable regions (AR), a geometrical approach which
can be directly used for synthesizing optimal reactor configurations for a given feed and
known reaction kinetics. In some appropriately chosen state space the AR refers to the
set of all product compositions which can be reached by any possible reactor network
employing only reaction and mixing. The boundary of the AR is of special interest, as
it represents the maximum achievable product compositions. In fact, any reachable re-
actor product can be realized by parallel, serial or serial-parallel configurations of plug
flow reactors (PFRs) (Feinberg and Hildebrandt, 1997), continuous stirred-tank reactors
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1.1 Conceptual design of chemical processes

(CSTRs) (Feinberg, 2000a), or differential sidestream reactors (DSRs) (Feinberg, 2000b).
Since the set of all attainable product compositions is derived graphically, the classical
AR approach can only be applied to problems which can be reduced to at most three
dimensions (Rooney, Hausberger, Biegler and Glasser, 2000). In order to overcome this
limitation, computational techniques were developed to apply the AR concept to higher
dimensional problems (Abraham and Feinberg, 2004). Kauchali, Rooney, Biegler, Glasser
and Hildebrandt (2002) formulate a linear program (LP) to analyze candidate ARs by
discretization of the concentration space into an arbitrarily large number of points. This
model represents a large network of completely connected CSTRs which can be used to
approximately determine the optimal operating point of arbitrary reactor networks con-
sisting of CSTRs, PFRs and DSRs. However, due to the discretization of the concentration
space, the number of equations and variables grows exponentially with the number of com-
ponents. Thus, problems with more than three components can easily lead to models with
thousands of equations and possibly millions of variables (Kauchali et al., 2002). Clearly,
modern LP solvers can handle large-scale problems, but reaction processes with a typi-
cal, industrially relevant number of raw materials, intermediates, and (by-)products will
result in extremely large problems, which scale with the number of chemical components
involved.

A different approach of assessing attainable performance targets of reactor networks can
be traced back to Denbigh (1944) and has been extended by several authors (see, e.g.,
Bilous and Amundson, 1956, Aris, 1961, Horn, 1961). It uses the concept of dynamic
optimization of an elementary process function (Freund and Sundmacher, 2008). A fluid
element is tracked on its way along a (spatially or temporally) resoluted reaction coordinate.
During its evolution, the state of the fluid element defined by concentrations, temperature,
and pressure can be manipulated by reaction as well as heat and mass fluxes. Thus, an
optimal state trajectory of the element in thermodynamic state space can be decided. An
analysis of this trajectory provides insight into the choice of promising reactor networks.
The technical approximation of the optimal route by an appropriate reactor design can
subsequently be addressed by sequentially increasing the level of detail of the reactor models
(Peschel, Freund and Sundmacher, 2010). Consequently, this sequential approach can help
to develop innovative reactor concepts and does provide detailed information about reactor
sizing in the last step.

Optimal sizing information can also be determined by means of superstructure optimiza-
tion, for which flowsheet structure, operating conditions and equipment sizes are simulta-
neously optimized. A superstructure for reactor network synthesis is generally composed
of a set of pre-defined reactor types, e.g., isothermal (Kokossis and Floudas, 1990) or non-
isothermal (Kokossis and Floudas, 1994, Pahor, Kravanja and Iri Bedenik, 2001) CSTRs
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and PFRs, or CSTRs and cross flow reactors (Schweiger and Floudas, 1999). In contrast to
the AR, the possible connections between the reactors must be specified a priori, though
the best connection as well as the existence of the specified reactors are identified as a
result of superstructure optimization, where the possible connections between reactors are
represented by integer variables in the model. Additionally, the performance characteristics
of many reactor networks are similar. For example, a cascade of CSTRs may approximate
a PFR very well. Therefore, finding the best combination from a technical and economic
point of view can become very difficult. This problem can be addressed by means of sim-
ple superstructures, which only include the most promising combinations. However, such
simplifications may result in a loss of the optimal reactor network in the superstructure.
Hence, modeling for superstructure optimization requires always a trade-off between the
number of combinations included in the superstructure, the uniqueness of the solution,
and the complexity of solving the resulting mathematical programming problem.

1.1.2 Design methods for distillation-based separation systems

Heuristics also play an important role for the design of separation systems (Siirola and
Rudd, 1971, Barnicki and Fair, 1990). Hereby, potential unit operations are selected on
the basis of thermodynamic insight, if physical properties of the pure components and the
mixture to be separated are available (Jaksland, Gani and Lien, 1995). Available software
packages (Kirkwood, Locke and Douglas, 1988, Seuranen, Hurme and Pajula, 2005) which
support the design of separation systems try to combine thermodynamic analysis and
heuristic rules.

Since distillation is typically the initial choice, especially in the context of bulk chem-
ical or fuel production processes, significant progress has been made towards the design
of distillation-based separation systems. For zeotropic mixtures all basic and thermally-
coupled configurations can already be derived automatically (Shah and Agrawal, 2010).
However, only few publications address the generation of process variants for azeotropic
distillation processes, since the inherent distillation boundaries limit the attainable degree
of separation. To analyze the feasibility of a distillation sequence, Ryll, Blagov and Hasse
(2012) introduced (piecewise) linear approximations of the distillation boundaries and used
them for the minimization of the recycle stream in a pre-defined process flowsheet. The
authors extended the approach to heterogeneous azeotropic distillation processes (Ryll,
Blagov and Hasse, 2014) by integrating another linear approximation approach for the
miscibility gap to describe the separation in a decanter (Ryll, Blagov and Hasse, 2013).
However, due to the inherent ∞/∞ assumptions (Blagov and Hasse, 2002), this method
does not provide any information on column sizes or the required energy demand, while
it is also limited to systems with at most four components. Classical shortcut methods
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1.1 Conceptual design of chemical processes

like the Fenske-Underwood-Gilliland method (see, e.g., Doherty and Malone, 2001) can be
applied to azeotropic mixtures by treating azeotropes as pseudo components (Liu, Jobson,
Smith and Wahnschafft, 2004). However, in order to accurately describe the non-ideality
of azeotropic mixtures more rigorous distillation column models need to be utilized. Ski-
borowski, Harwardt and Marquardt (2014a) present an overview of such methods and their
extensions for extractive and heteroazeotropic distillation processes.

Hybrid separation processes should be considered if a separation by distillation alone is
not possible or inefficient. A hybrid separation process is defined as the combination of
at least two different unit operations, contributing to the same separation task (Franke,
Gorak and Strube, 2004). While such processes offer significant potential for improvement,
their consideration also extends the design space drastically and thus makes design more
challenging. Skiborowski, Harwardt and Marquardt (2013) present a review of available
computational methods for the conceptual design of distillation-based hybrid processes for
the separation of liquid mixtures.

1.1.3 Design methods for reaction-separation processes

In industrial practice, the structure of a reaction-separation process is often pragmati-
cally fixed using heuristics, known solutions of similar problems, and experience. Common
heuristics for reaction-separation processes as, e.g., published by Douglas (1988), Smith
and Linnhoff (1988) or Upadhye, Qi and Huber (2011), usually start with the design of a
suitable reactor network. Only after finalizing this, the separation and recycle system and,
if appropriate, the heat exchanger network are designed in subsequent steps. The feasi-
bility and the cost of the proposed process candidates are then determined by repetitive
simulation studies, where the operating points and unit specifications of feasible alterna-
tives are often determined by spreadsheet calculations and rules of thumbs (Luyben, 2010;
2011). Although the decomposition of the design procedure might be necessary to reduce
the design space, it might come at the price of missing a superior solution. One important
connection, which is interrupted by such a decomposition, is the recycle between the re-
action and the separation system. In complex chemical processes optimizing the reaction
system with respect to a reaction performance criterium does not necessarily yield the best
process-wide solution. High conversion towards the desired product, e.g., can in many re-
action systems lead to unfavored side products. These side products can complicate the
thermodynamic mixture behavior and may lead to high cost for separation. Therefore, it
might be beneficial to decrease the conversion and to recover and recycle the non-converted
raw material. Consequently, integrated design of reaction and separation can potentially
identify operating points that differ from the individual optimization of the subsystems.

Graphical approaches such as GH-plots (Fox, Hildebrandt, Glasser and Patel, 2013)
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can help to facilitate the integrated design of reaction and separation. Enthalpy (H) and
Gibbs free energy (G) depicting the flows of heat and work respectively, are determined
for all unit processes and are graphically represented as vectors in the GH-space. By
manipulating the vectors in the graph, the overall material, energy, and work balances
can be determined, before any flowsheet exists. Furthermore, these vectors can be used
to construct a flowsheet which represents a thermodynamically efficient process. Based on
such an initial flowsheet design, phenomena-based synthesis methods (Ismail, Pistikopoulos
and Papalexandri, 1999, Ismail, Proios and Pistikopoulos, 2001, Lutze, Román-Martinez,
Woodley and Gani, 2012, Babi, Holtbruegge, Lutze, Gorak, Woodley and Gani, 2015) can
be used to derive further process variants. These methods identify the phenomena involved
in each task and manipulate and recombine them to generate sustainable and intensified
process designs, which include hybrid and/or intensified unit operations.

Another promising approach for generating process variants, which is currently limited
to processes without recycles, uses the concept of operating windows (Steimel, Harrmann,
Schembecker and Engell, 2013a;b). An operating window is herein defined by a set of
intervals describing the feasible ranges of properties in the material streams linking the
process units. By considering the operating window of one process unit the corresponding
downstream section can be developed, even if the actual design and operating point is not
yet fixed. During process synthesis, the operating windows are gradually narrowed until
all process units have been fixed and the flowsheet can be evaluated.

To facilitate the design of innovative and economically attractive process concepts,
promising variants should be identified in an early design stage to narrow down the usually
large number of possible variants and to reduce the effort for rigorous process design. In
particular, shortcut methods can be used to determine performance bounds, which can
be used to robustify subsequent rigorous optimization. For reaction-separation processes
such bounds can be predicted by a steady-state design of a process only involving sharp
separations and ideal CSTRs (Feinberg and Ellison, 2001, Feinberg, 2002). Alternatively,
bounds can be predicted by optimizing a species-dependent residence time distribution
function (Balakrishna and Biegler, 1993, Freund and Sundmacher, 2008), which is similar
to the concept of elementary process functions for reactor networks, or by optimization of
superstructures consisting of mass exchanger and separation task units (Linke and Kokos-
sis, 2003). Although these process performance bounds can help to understand when no
configurative innovation will produce further improvements, they do not allow identifying
drawbacks regarding the optimal process structure. Therefore, those methods are more
suited as an analysis rather than a design tool.

Shortcut methods for distillation can provide a lower limit on the operational cost of a
previously specified separation. In combination with reactor shortcuts they can be used for
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1.1 Conceptual design of chemical processes

a fast screening of the performance of different variants of reaction-separation processes.
Ryll et al. (2014) coupled equilibrium and conversion reactor models with the ∞/∞-
method for distillation to determine the operating points with minimal recycle flows for
all flowsheet candidates. Kossack, Refinius, Brüggemann and Marquardt (2007) coupled
Gibbs reactor models with the thermodynamically sound rectification body method (RBM)
(Bausa, von Watzdorf and Marquardt, 1998) to estimate an approximate lower bound for
operating cost. Hentschel, Peschel, Freund and Sundmacher (2014) combined elementary
process functions for the reactor models with the Fenske-Underwood-Gilliland method to
optimize total cost of reaction-distillation processes. The utilization of these computation-
ally efficient shortcut methods allows a ranking of possible flowsheet alternatives or even an
optimization of flowsheet superstructures, which embed several process variants (Gassner
and Maréchal, 2009a;b). However, in the likely case of recycles the change of operating
points in any unit will affect the performance of the entire process. Therefore, the simul-
taneous treatment of kinetically-controlled reactor networks and separators for non-ideal
mixtures is desirable. To the authors’ knowledge, such methods have not been reported
yet. Another drawback of these shortcut methods is that they do not provide information
on equipment sizing, which determines the investment cost of the process. Therefore, the
optimal trade-off between investment and operating cost cannot be determined.

An optimal equipment design can be computed by optimization of rigorous unit mod-
els, for example, by coupling derivative-free optimization algorithms and rigorous pro-
cess simulators (Gross and Roosen, 1998, Vázquez-Ojeda, Segovia-Hernández, Hernández,
Hernández-Aguirre and Kiss, 2013). This approach is limited by the reliability of the pro-
cess simulator, as the optimization algorithm cannot distinguish between simulator errors
due to violated process constraints or convergence failures. Additionally, these derivative-
free methods are often unable to find optimal solutions even in the absence of constraints
and integer variables when the number of degrees of freedom exceeds about ten, which
is already the case for small flowsheets (Rios and Sahinidis, 2013). To leverage the po-
tential of specialized simulation software, surrogate models (also known as reduced-order
models (ROMs)) can be trained by rigorous simulation for later use in simulation-based
optimization (Caballero and Grossmann, 2008, Fahmi and Cremaschi, 2012). As these
models do not make use of physical simplifications, highly accurate surrogate models of-
ten have a complex functional form, which is disadvantageous in algebraic optimization,
e.g., of reaction-separation processes, where smaller, compact algebraic forms are desirable
(Cozad, Sahinidis and Miller, 2014).

In principle all design variables can be directly optimized using mixed-integer nonlin-
ear programming (MINLP) (Kokossis and Floudas, 1991, Smith and Pantelides, 1995,
Papalexandri and Pistikopoulos, 1996, Grossmann, Caballero and Yeomans, 1999). There-
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fore, the resulting mathematical programming problem has to comprise of a model rep-
resenting process units that account for all feasible process configurations. Because the
resulting problems are difficult to set up and solve (Westerberg, 2004), a systematic proce-
dure is necessary to facilitate the use of deterministic superstructure optimization of entire
reaction-separation processes in industrial practice.

Systematic and optimization-based design approaches which facilitate the simultaneous
optimization of the design subproblems can increase the efficiency within the conceptual
design phase and allow for the development of improved and innovative processes. In
order to improve the conceptual design of separation processes, Marquardt, Kossack and
Kraemer (2008) and Dowling and Biegler (2015) have proposed process design frameworks
for equation-oriented optimization of hybrid separation processes. The systematic and
optimization-based framework for the design of hybrid separation processes proposed by
Marquardt et al. (2008) has been used and demonstrated for conceptual design of various
processes (see, e.g., Krämer, Harwardt, Bronneberg and Marquardt, 2011). This frame-
work combines thermodynamically sound shortcut methods and rigorous mixed-integer
nonlinear programming. The design task is separated into three distinctive steps: In the
first step, different flowsheet structures are generated. In the second step, these alternative
flowsheets are evaluated with shortcut methods to screen for the most promising process
alternatives, which are finally modeled rigorously and optimized in the third step to cal-
culate operating point and sizing information and finally to determine the cost-optimal
process design. Since a number of alternative flowsheets have already been eliminated,
only a few optimization runs are necessary in this final step. The optimization is further
improved through an excellent initialization with the results from the shortcut step.

A thorough application of the process design framework requires the availability of reli-
able and computationally efficient methods for each of the different steps. Within the last
15 years, the process design group at Aachener Verfahrenstechnik - Process Systems En-
gineering has developed shortcut methods, rigorous optimization methodologies and the
previously mentioned process design framework to facilitate a systematic, optimization-
based design of (hybrid) separation processes with a focus on distillation. The theses of
Bausa (2001), Brüggemann (2005), Urdaneta (2005), and Wallert (2007) focused on the
development of shortcut methods for homogeneous and heterogeneous azeotropic, reactive
and extractive distillation, as well as hybrid processes where distillation is supplemented by
crystallization. Kossack (2010) and Krämer (2012) extended the scope to combine short-
cut methods with rigorous optimization of single columns, column networks and hybrid
separation processes. Harwardt (2013) extended the developed optimization-based design
methods to account for the new challenges of separations for processing of biorenewables
and included the subproblem of heat integration into the design framework. Most recently,
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Skiborowski (2015) further improved the existing methods and proposed novel computa-
tional approaches to support the design process and to ease the application of optimization-
based design methods especially for the separation of heterogeneous mixtures and hybrid
separation processes.

1.2 Aim and structure of this thesis

While the process design framework is in principle applicable to all kinds of processes, its
application was until now restricted to separation processes only. The optimization-based
design of reaction-separation processes did not get appropriate attention, due to the size
and complexity of these problems. Several nonlinear reaction and separation unit models
embedded in a flowsheet, recycle loops that have to be optimized, and nonlinearities of
the underlying non-ideal thermodynamic and reaction kinetic models complicate numerical
evaluation and require an extension of the framework. This thesis addresses these limita-
tions and proposes a systematic procedure for the optimization-based design of reaction-
separation processes. Chapter 2 presents extensions to the framework of Marquardt et al.
(2008) to account for the systematic design of reaction-separation processes. The necessary
extensions of both, the shortcut evaluation methodology for the pre-selection of flowsheets
and the rigorous optimization procedure integrate existing and new approaches. While
shortcut tools for separation processes are already routinely utilized, commonly used re-
actor shortcuts are limited because the achievable product compositions are restricted to
chemical equilibrium (Ismail et al., 2001). However, optimal reaction-separation processes
might not operate at the limiting points of chemical equilibrium and therefore a kinetically
controlled reactor shortcut is presented. The application of the framework is illustrated
in this chapter with two academic case studies based on literature data and specifications.
One bottleneck of this framework is the generation of alternative flowsheet variants which
is still based on heuristics and expert knowledge. This is especially a limitation for cat-
alytic processes, since the selection of an appropriate catalyst is not addressed by common
heuristics. To overcome this limitation, a systematic design procedure for the generation
of variants for catalytic processes is presented in Chapter 3. Within this systematic de-
sign procedure, laboratory experiments are integrated to identify the necessary reaction
kinetic models and to facilitate the finding of innovative catalytic processes. Subsequently,
Chapter 4 investigates the conceptual design of a novel catalytic process for butadiene
telomerization. Hereby, the systematic procedure for the generation of variants presented
in Chapter 3 as well as the optimization-based methods presented in Chapter 2 are uti-
lized to design a novel process for this industrially relevant reaction. This industrial case
studies emphasizes how the tools and methods presented in this thesis facilitates the con-
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ceptual design of chemical processes from kinetic investigations to flowsheet optimization.
Finally, Chapter 5 gives a summary of this thesis and provides an overview of the identified
strengths and weaknesses in the design methodology for reaction-separation processes.

1.3 Previous publication of results

This thesis originates from the research performed by the author at Aachener Verfahrens-
technik - Process Systems Engineering. Most results are in preparation for publication or
have already been published. The following list gives an overview on the results that have
been already published:

• The content of Chapter 2 has to some extent been published in Computers & Chem-
ical Engineering (Recker, Skiborowski, Redepenning and Marquardt, 2015) and
Computer Aided Chemical Engineering (Recker and Marquardt, 2012, Recker, Ski-
borowski, Redepenning and Marquardt, 2014).

• The contents of Chapters 3 and 4 have to some extent been published in Journal
of Catalysis (Völkl, Recker, Niedermaier, Kiermaier, Strobel, Maschmeyer, Cole-
Hamilton, Marquardt, Haumann and Wasserscheid, 2015).

Additional contributions were made to other collaborative research projects that are not
covered by this thesis, in particular:

• An overview on a systematic sequential and iterative model-based design strategy,
which argues for a paradigm shift to properly address the requirements of model-
based design of future bio-based value chains (Marquardt, Harwardt, Recker, Viell
and Voll, 2012).

• A first idea on the integration of model identification and process optimization
(Recker, Kerimoglu, Harwardt, Tkacheva and Marquardt, 2013). Rather than de-
coupling model identification and process optimization, information from process
optimization are used to design optimal experiments for improving the quality of
the kinetic model given the intended use of the model. The Fisher Information Ma-
trix is heuristically modified such that sensitivities, which describe the influence of
parametric uncertainties on the economic objective used in process optimization, are
utilized as weights for optimal experimental design.

• A pinch-based shortcut method for the performance screening of isothermal extrac-
tion columns which allows the automated screening of more than 3,500 solvents
within one hour computational time (Redepenning, Recker and Marquardt, 2016).
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2 A unifying framework for

conceptual process design

The current interest in the development of more efficient processes has drawn attention
towards the optimization-based design of reaction-separation processes. The limitations
of available design methods can be overcome by an adequate combination of different
methods in a systematic design framework. It extends the design framework for separation
processes of Marquardt et al. (2008) by including the degrees of freedom related to reactor
networks and to the interconnection of reaction and separation units in a flowsheet. It aims
at the simultaneous optimization of the flowsheet structure, the unit specifications and the
operating points of integrated reaction-separation processes. Certainly, the simultaneous
inclusion of all possible design options into an automated framework is highly desirable but
quickly leads to combinatorial explosion. In combination with non-linear models used to
describe the reaction, mass and heat transfer phenomena that occur in the processing units,
the resulting synthesis problem is beyond the scope of existing optimization technology,
even for relative small problems. Therefore, a hierarchical procedure to guide the decision-
making process of conceptual process design is proposed in this chapter and illustrated
in Figure 2.1. In a first step of the procedure, possible process variants are generated.
They are then evaluated by means of shortcut calculations in a second step. Consequently,
the results are used for an efficient initialization of the rigorous optimization models. To
account for the non-ideal behavior of the mixtures involved and the multiple recycles,
the reaction and separation units are optimized simultaneously, since variations in the
performance of any unit will affect the performance of the whole process. The process
design framework as a procedure of incremental refinement and successive initialization
allows for a hierarchical synthesis of the cost optimal process, while taking into account
multiple flowsheet alternatives.

Although the workflow suggested by the design framework appears to be linear in nature,
it is important to note that each of the steps involves synergetic input across the other steps
of the framework. The intention is that by using the framework the development team will
start their research on a selection of initial process options which are evaluated by shortcut
methods. The result of the shortcut evaluation will be a ranking of the initial flowsheet
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Figure 2.1: Framework for the systematic design of reaction-separation processes.

candidates based on their minimum operating cost. Based on this ranking some of the
flowsheet candidates can be discarded. An analysis of the shortcut results indicates where
further process improvements might be useful and additional variants can be generated and
evaluated based on the shortcuts. After all generated variants are screened and ordered
according to the results of the shortcut screening, the cost-optimal production process can
be identified by rigorous optimization of the promising variants. The necessary tools, which
are employed in the various steps of the design framework, are described in the following.

2.1 Variant generation

In the first step of the proposed framework, possible flowsheet alternatives for the desired
production task are generated. For reactor networks (cf. Section 1.1.1) or for zeotropic
multicomponent distillation with simple columns (cf. Section 1.1.2) the generation of flow-
sheets can be automated. However, for reaction-separation processes, we still need to
create flowsheet alternatives manually based on heuristics and expert knowledge because,
to date, no examples of generally applicable automatic flowsheet generation procedures
are known from the literature. As mentioned in Section 1.1.3, phenomena-based synthesis
methods (Lutze et al., 2012, Babi et al., 2015) or methods based on the concept of oper-
ating windows (Steimel et al., 2013a;b) can help to overcome this limitation, but are not
automatically applicable to general reaction-separation processes yet.

2.2 Optimization with shortcut models

Considering the large number of possible process candidates, it is clear that not all possible
flowsheet alternatives can be covered by simulation studies or rigorous optimization in case
of complex processes. The framework therefore relies on shortcut tools to calculate the
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2.2 Optimization with shortcut models

minimum operating cost of each process and to determine a few economically attractive
flowsheet designs. While shortcut tools for separation processes are already routinely uti-
lized, commonly used reactor shortcuts such as Gibbs reactors are of limited use because
the achievable product compositions are restricted to chemical equilibrium (Ismail et al.,
2001). However, optimal reaction-separation processes might not operate at the limit-
ing points of chemical equilibrium. Especially in case of parallel or consecutive reactions
reaching chemical equilibrium might be unfavorable. In fact, processes involving catalytic
reactions often operate far away from chemical equilibrium, since catalyst cost are an im-
portant economic factor. Also reaction hold-up and residence time might be restricted due
to economic or safety reasons. Therefore, integrated reaction-separation processes cannot
be properly assessed during the early stages of design, because powerful shortcut methods
for kinetically controlled reactor networks are still lacking. Consequently, a novel short-
cut method for reactor networks is necessary, which allows the optimization of integrated
reaction-separation processes.

2.2.1 Reactor shortcut

As introduced by Feinberg and Ellison (2001), arbitrary reactor networks can be repre-
sented by a network of completely connected ideally mixed reaction devices. However,
the exponential growth of the number of variables and equations of the LP problem intro-
duced by Kauchali et al. (2002) permits the application to systems of relevant size. The
explosion of the problem size can however be avoided, if the problem is formulated without
the discretization of the concentration space as sketched in Figure 2.2. Here a state-space
representation is used to formulate the reactor network consisting of an arbitrary connec-
tion of reaction devices of arbitrary volume. The mathematical model is an NLP which is
further described in the following.

The inlet stream to the reactor network N0 is split into the bypass stream N0,out and
the streams N0,i entering ni reaction devices. The mole balance reads as

0 = N0 −N0,out −
ni∑
i=1

N0,i. (2.1)

The outlet stream Nout consists of the bypass stream and the streams Ni,out leaving the
devices. The mole balance reads as

0 = Nout −N0,out −
ni∑
i=1

Ni,out. (2.2)
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N0

z0

N0,out

Nout

zout
i th reaction device

Nj,i

N0,i Ni,out

Ni,j
Vi , zi

Figure 2.2: State-space representation of the superstructure formulation of the reactor net-
work model.

Furthermore, the mole fraction of the outlet flow for component c (zout,c) is related to the
mole fraction of the inlet flow z0,c and the mole fraction inside the devices zi,c by

0 = Noutzout,c −N0,outz0,c −
ni∑
i=1

Ni,outzi,c, c = 1, . . . , nc. (2.3)

The outlet streams leaving the ideally mixed reaction devices are calculated from

0 =

(
Ni,out +

ni∑
j=1

Ni,j

)
−
(
N0,i +

ni∑
j=1

Nj,i

)
− Vi

nc∑
c=1

nR∑
k=1

Rk,c,

i = 1, . . . , ni, (2.4)

where Ni,j represents the stream leaving device i and entering device j. Vi is the device
volume, and Rk,c indicates the rate of formation k for component c. Thus, the equations
for the mole fractions read as

0 =

(
Ni,out +

ni∑
j=1

Ni,j

)
zi,c −

(
N0,iz0,c +

ni∑
j=1

Nj,izj,c

)
− Vi

nR∑
k=1

Rk,c,

c = 1, . . . , nc, i = 1, . . . , ni. (2.5)

The number of equations describing this reactor model is (ni + 1)nc + 2 + ni. It therefore
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2.2 Optimization with shortcut models

scales linearly with the number of components nc and the number of reaction devices ni.
As only few reaction devices are needed to approximate most reactor systems (Feinberg
and Ellison, 2001), the NLP embedding this reactor model is capable to approximate the
optimal operating point for industrially reactor networks. This way, a synthesis method
can be devised at the expense of replacing the LP problem of Kauchali et al. (2002) by
an NLP problem. Moreover, an analysis of the optimal device connectivity also allows to
deduce the optimal reactor system. If, e.g., all devices are of similar volume and arranged
in a sequence, a tubular reactor may be used.

The degrees of freedom of this reactor shortcut model comprise the streams entering
the devices N0,i, the interconnecting streams between the devices Ni,j, as well as the
device volumes Vi and, if appropriate, the device temperatures Ti. Following the CSTR
equivalence principle (Feinberg and Ellison, 2001) s+1 devices should be sufficient for the
calculations, with s being the rank of the underlying network of chemical reactions. In
this work, ten devices found to be sufficient for all calculations.

2.2.2 Separation shortcut

The reactor shortcut model forms the core of a shortcut evaluation of integrated reaction-
separation processes. Together with established shortcut models for separation units it
forms the basis for a shortcut-based optimization of an integrated reaction-separation pro-
cess. In this work, the feed angle method (FAM), which has been proposed by Krämer
et al. (2011), is utilized as shortcut model for distillation columns. This pinch-based
method does not rely on numerous tray-to-tray calculations and can be applied to ideal
mixtures as well as homogeneous and heterogeneous azeotropic distillation columns. In
this thesis, all separations are feed pinch controlled. For homogeneous mixtures with more
than three components therefore a hyperplane defined by the feed pinch (fp) and the rel-
evant saddle pinches (sp) is constructed by means of the normal vector nnnsp,fp. Assuming
that the feed pinch is located in the stripping section, the saddle pinches are specified by
the equations for a balance envelope around the rectifying section:

0 = Vsp − Lsp −D, (2.6)

0 = Vspysp,c − Lspxsp,c −DxD,c, c = 1, . . . , nc − 1, (2.7)

0 = VsphV,sp − LsphL,sp −DhD +QD, (2.8)

1 =
nc∑
c=1

xsp,c, 1 =
nc∑
c=1

ysp,c, (2.9)
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2 A unifying framework for conceptual process design

ysp,c = Ksp,c(xxxsp, Tsp, p)xsp,c, c = 1, . . . , nc − 1, (2.10)

hV,sp = hV (xxxsp, Tsp, p), (2.11)

hL,sp = hL(xxxsp, Tsp, p), (2.12)

where Ln, xxxn, hL,n and Vn, yyyn, hV,n represent the total flow rate, composition and enthalpy
for the liquid phase and the vapor phase on tray n. D, xxxD and hD are the flow rate, com-
position and enthalpy of the distillate stream and QD the energy demand of the condenser.
Accordingly, the feed pinch is specified by the equations for a balance envelope around the
stripping section:

0 = Lfp − Vfp − B, (2.13)

0 = Lfpxfp,c − Vfpyfp,c − BxB,c, c = 1, . . . , nc − 1, (2.14)

0 = LfphL,fp − VfphV,fp − BhB +QB, (2.15)

1 =
nc∑
c=1

xfp,c, 1 =
nc∑
c=1

yfp,c, (2.16)

yfp,c = Kfp,c(xxxfp, Tfp, p)xfp,c, c = 1, . . . , nc − 1, (2.17)

hV,fp = hV (yyyfp, Tfp, p), (2.18)

hL,fp = hL(xxxfp, Tfp, p), (2.19)

where B, xxxB and hb are the flow rate, composition and enthalpy of the boil-up stream and
QB the energy demand of the reboiler. The angle α between the line connecting the feed
pinch with the tray above the feed pinch and the hyperplane is consequently given by

cos(α) =
nnnT
sp,fp(xxxnf−1 − xxxfp)

||nnnsp,fp||2 ||xxxnf−1 − xxxfp||2 , (2.20)

whereby the stage above the feed tray is specified by

0 = VnF
− LnF−1 −D, (2.21)

0 = VnF
ynF ,c − LnF−1xnF−1,c −DxD,c, c = 1, . . . , nc − 1, (2.22)

0 = VNF
hV,nF

− LnF−1hL,nF−1 −DhD +QD, (2.23)

1 =
nc∑
c=1

xnF−1,c, 1 =
nc∑
c=1

ynF−1,c, (2.24)

ynF−1,c = KnF−1,c(xxxnF−1, TnF−1, p)xnF−1,c, c = 1, . . . , nc − 1, (2.25)

hV,nF−1 = hV (yyynF−1, TnF−1, p), (2.26)

hL,nF−1 = hL(xxxnF−1, TnF−1, p). (2.27)
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2.2 Optimization with shortcut models

When the tray is located in the hyperplane, the normal vector is perpendicular to the line
connecting the feed pinch and the tray such that cos(α) becomes zero. Consequently, this
model allows to approximate the situation of minimum energy demand of a distillation
column by demanding that

cos(α) ≤ ε (2.28)

for a sufficient small ε.
In this work, an improved formulation of the FAM (Skiborowski, 2015) is used. Instead

of setting an angle between two composition vectors numerically to zero, the novel FAM
formulation utilizes a linear dependency of several composition vectors to describe the
situation of minimum energy demand. Hence, this novel formulation avoids the highly
nonlinear equation for calculation of the vector norm required for the original angle criteria.

The FAM determines minimum energy demand and requires full specification of outlet
compositions and flow rates. This allows the aggregation of this model with the NLP
reactor shortcut to one NLP problem for optimization of a complete reaction-separation
process.

2.2.3 Solution procedure

In order to optimize a complete reaction-separation process comprising several units, the
models for the reaction and separation units are connected by streams with variable flow
rates and compositions. The degrees of freedom are only increased by the number of split
factors of occurring purge streams and the flow rates of the process feeds. As mentioned
before, the FAM can be integrated into the flowsheet for the optimization of an entire
reaction-separation process. However, due to the strong nonlinearities of the underlying
equation system, the FAM requires the specification of the pinch topology and an ini-
tialization of the relevant pinch points. In contrast to shortcut evaluations of separation
processes, where often simple mass balances are sufficient to initialize the unit models, the
treatment of integrated reaction-separation processes requires a more advanced initializa-
tion to provide the required information on the pinch points for the FAM. Therefore, we
initialize the shortcut optimization model with simple splitters and fixed energy demands.
After each initialization step, a rigorous search for pinch points using the RBM (Bausa
et al., 1998) is performed. The energy demands for the splitters are updated until the
change is small enough such that the pinch topologies of the separation systems do not
change. These preparatory calculations are in this work executed manually, but can in
principle be automated. Afterwards, the optimization of the entire reaction-separation
process can be performed with the aforementioned shortcut models, including the FAM.
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… … …

,

nth element

Figure 2.3: Discretized multi-tube DSR element

2.3 Optimization with rigorous models

The evaluation of a reaction-separation process with shortcut models provides a good
approximation of the performance potential of a process variant enabling a comparison
of different process flowsheets with respect to operating cost. However, no conclusions
can be drawn regarding optimal equipment sizing and capital cost. This information can
only be gained by a rigorous optimization of the entire process with an economic objective
function and more detailed unit models. In the following, the rigorous models for multi-
tube differential sidestream reactors, continuous stirred-tank reactors as well as distillation
columns used in this thesis are presented.

2.3.1 Multi-tube differential sidestream reactor

The rigorous optimization model for a multi-tube differential sidestream reactor (DSR)
comprises of mole and energy balances for finite volume elements of a reactor tube (cf.
Figure 2.3). In this work, a Radau-II collocation model with three stages is used for
disrcetization. The collocation method subdivides each finite reactor element into three
collocation points (Carey and Finlayson, 1975). The collocation method constructs a
polynomial for which the differential equations for mass (or more precise mole) and energy
are satisfied at the initial and at each collocation point. The weighting matrix
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results from the specific distribution of the collocation points (Deuflhard and Bornemann,
1994). Total mole balances for the first element of a reactor are given by

⎛
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LR
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⎞
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and for the other elements by
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⎞
⎟⎠ , n = 2, . . . , Nmax. (2.31)

These balances include the distribution of the feed F =
∑Nmax

n=1 Fn with mole fraction xF
c

into the nt reactor tubes. Component mole balances for the first element are given by
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and for the other elements by
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Hereby, Vn is the element’s volume and Rn,c = R(xn,c) is the rate of formation for compo-
nent c. LR

n is the flowrate of the liquid phase leaving element n with concentration xn,c.
The outlet temperature of the volume element TR

n results from the energy balance for the
reactants which is for the first reactor element given by
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(2.34)
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and for the other elements by
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The equations for the cooling water temperature read as
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(2.37)

α represents the heat transfer coefficient, AJ
n the reactor jacket area and ΔHR,c the heat

of reaction. Neglecting the heat of mixing, the enthalpy hn is calculated by

hn = h(xn,c, Tn) =
nc∑
c=1

xn,c

Tn∫
To

cp,c dt (2.38)

with

Tn∫
To

cp,c dt = K1,c(Tn − T0) +K2,c
T 2
n − T 2

0

2
+K3,c

T 3
n − T 3

0

3

+K4,c
T 4
n − T 4

0

4
+K5,c

T 5
n − T 5

0

5
(2.39)

and the coefficients K1,c −K5,c. The constraint

vR =
FMv

nt
ΠD2

4

≥ 0.5
m

s
(2.40)
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2.3 Optimization with rigorous models

,

Figure 2.4: CSTR reactor

ensures a minimal velocity vR of the reaction mixture to prevent back-mixing in the reactor
(Hagen, 2004). Mv denotes the molar volume of the feed and D the diameter of each tube.
If the sidestreams Fn, for n = 2, . . . , Nmax, are set to zero this model reduces to a PFR.

Throughout this thesis the cost correlations presented by Guthrie (1969) have been
utilized. The utilization of these non-linear cost model allows a direct implementation
into the rigorous optimization problem. The cost correlations are non-linear functions of
performance relevant properties and include the aspect of economy of scale. The cost
correlations provide the base cost in US-$ with 1969 purchasing power, which is updated
by the Marshall and Swift index. The Marshall and Swift index MS−indextoday is set to
1536.5. Material and pressure correction factors MPF are used to account for operating
conditions, construction materials beyond carbon steel and other design options for the
equipment. The module factor MF accounts for installation of the equipment including
piping and process control. According to Guthrie (1969), the capital cost for the reactor
can be determined by

Ccap =
MS−indextoday

MS−index1969

$5000

(
AJnR[ft

2]

400ft2

)0.64

(MPF +MF − 1) (2.41)

The material pressure factor MPF is 3.14 for a fixed-bed reactor, the module factor MF

is 3.6.
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2 A unifying framework for conceptual process design

2.3.2 Continuous stirred-tank reactor

A CSTR can be modeled as sketched in Figure 2.4. Component mole balances are given
by

0 = LR
outxout,c − FxF

c + VRRc, c = 1, . . . , nc (2.42)

and the total mole balance by

0 = LR
out − F + VR

nc∑
c=1

Rc. (2.43)

The outlet temperature of the reactor results from the energy balance

0 = LR
outh

R
out − FhF + αAJ(TKW

out − TR
out) + V

∑
c

RcΔHR,c (2.44)

with reactor volume V . Similarly, the outlet cooling water temperature TKW
out is computed

from

0 = LKW cKW
p (TKW

out − TKW
in )− αAJ(TKW

out − TR
out). (2.45)

The capital cost for a CSTR is determined by the diameter DCSTR and the height HCSTR.
They consist of the cost for a pressure vessel Cpv

Cpv =
MS−indextoday

MS−index1969

$1000

(
DCSTR[ft]

3ft

)1.05 (
HCSTR[ft]

4ft

)0.81

(MPF +MF − 1)

(2.46)

with material and pressure correction factor MPF = 2.25 and the module factor MF = 4.23

and the cost for a shell-and-tube heat exchanger

Chx =
MS−indextoday

MS−index1969

$5000

(
πDCSTR[ft]HCSTR[ft]

400ft2

)0.77

(MPF +MF − 1) (2.47)

with pressure correction factor MPF = 3.75 and module factor MF = 3.29.
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2.3 Optimization with rigorous models

Vn, yn Ln-1, xn-1

column tray n

RD, xR, 
bR,n

RB, yB, 
bB,n

Ln, xnVn+1, yn+1

F, zF, bF,nF, zF

B, xB

D, xD

Figure 2.5: Superstructure for a simple distillation column (left) and balance envelope for a
general column tray (right).

2.3.3 Simple distillation column

The superstructure for a simple distillation column is based on the model presented by
Krämer, Kossack and Marquardt (2009) and is illustrated in Figure 2.5. Hereby, the
number of equilibrium trays in the rectifying and stripping sections are optimized by the
variable location of the feed tray and the reflux and boil-up location.

Equilibrium tray model

Each equilibrium tray is described by the mass, equilibrium, summation and enthalpy
(MESH) equations. Mass (or more precise component mole) and energy balances for each
column tray n are given by

Lnxn,c + Vnyn,c = Ln−1xn−1,c + Vn+1yn+1,c + FzF,ibF,n

+RDxR,cbR,n +RByB,cbB,n, c = 1, ..., nc, (2.48)

and

LnhL,n + VnhV,n = Ln−1hL,n−1 + Vn+1hV,n+1 + FhF bF,n

+RDhL,RbR,n +RBhV,BbB,n, (2.49)

where Ln, xxxn, hL,n and Vn, yyyn, hV,n represent the total flow rate, composition and enthalpy
for the liquid phase and the vapor phase on the tray. F , RD, RB, zzzF , xxxR, yyyB and hF , hL,R,
hV,B are the flow rates, compositions and enthalpies of the feed, reflux and boil-up streams.
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2 A unifying framework for conceptual process design

Whether they are directed to tray n is determined by the binary decision variables bF,n,
bR,n and bB,n. The summation constraints for the liquid and vapor phase compositions are
given by

nc∑
c=1

xn,c = 1, (2.50)

nc∑
c=1

yn,c = 1. (2.51)

The vapor composition yyy, the equilibrium temperature TTT and molar enthalpies hhhL and
hhhV are represented in the optimization model by means of simple equations of implicit
functions [

yyy

TTT

]
= fV LE(xxx, p), (2.52)

[
hhhL

hhhV

]
= hV LE(xxx, p). (2.53)

The right hand sides of Equations 2.52 and 2.53 constitute numerical values of the prop-
erties on the left, which are determined by an external function "hiding" the equations of
the vapor-liquid equilibrium (VLE) calculations.

External function

Although modern gradient-based optimization algorithms in principle enable the solution
of problems with thousands of equations, the VLE calculations are integrated into the
equation-based optimization by means of an external routine to increase the robustness of
the optimization problem as proposed by Skiborowski, Harwardt and Marquardt (2014b).
The main idea behind the external routine is the simplification of the optimization model
by placing the calculation of the physical properties inside a so-called external function.
This eliminates a number of highly nonlinear equations from the overall optimization prob-
lem while adapted solvers can be used for the underlying thermodynamic routines. In each
iteration of the optimization, a set of values of variables is transferred from the model-
ing environment GAMS (Brooke, Kendrick, Meeraus and Raman, 2005) to the external
function. Inside the external function the VLE calculations are performed using the trans-
ferred variable values. To integrate the results of these calculations into the optimization
problem, they need to be formulated in the form of equality constraints, which are treated
as external equations inside of GAMS. In addition to these constraints also the gradients
with respect to the variables are required and therefore calculated in the external function.
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2.3 Optimization with rigorous models

Since the external functions are implemented in a dynamic link library (DLL) there is some
overhead for communication, but the robustness of the optimization problem is increased
significantly (Skiborowski et al., 2014b).

MINLP column model

The MINLP column model comprises the MESH equations (Equations 2.48 - 2.53) for each
column tray in the superstructure (n = 2, ..., NT−1). The mass and energy balances for the
(total) condenser (n = 1) and the (partial) reboiler (n = NT ) are given by

0 = Vn+1yn+1,c − (D +RD)xn,c, n = 1, c = 1, .., nc, (2.54)

0 = Vn+1hV,n+1 − (D +RD)hL,n +QD, n = 1, (2.55)

0 = Ln+1xn+1,c − Bxn,c −RByn,c, n = NT , c = 1, .., nc, (2.56)

0 = Ln+1hL,n+1 − BhL,n −RBhV,n +QB, n = NT . (2.57)

The compositions and enthalpies of the reflux and boil-up stream are given by

0 = xR,c − x1,c, c = 1, ..., nc, (2.58)

0 = hL,R − hL,1, (2.59)

0 = yNT ,c − yB,c, c = 1, ..., nc, (2.60)

0 = hV,NT
− hV,B (2.61)

and the liquid flow rate for tray 1 and the vapor flow rate for tray NT are given by

0 = L1 (2.62)

and

0 = VNT
. (2.63)

Closure relations and additional constraints apply for the binary variables modeling feed,
reflux and boil-up locations:

NT∑
n=1

bF,n = 1, (2.64)

NT∑
n=1

bB,n = 1, (2.65)
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2 A unifying framework for conceptual process design

NT∑
n=1

bR,n = 1, (2.66)

n∑
k=1

bB,k + bF,n+1 ≤ 1, n = 1, ..., NT − 1, (2.67)

NT∑
k=n

bR,k + bF,n−1 ≤ 1, n = 2, ..., NT , (2.68)

n∑
k=1

bF,k + bR,n+1 ≤ 1, n = 1, ..., NT − 1, (2.69)

NT∑
k=n

bF,k + bB,n−1 ≤ 1, n = 2, ..., NT . (2.70)

The Equations 2.67 - 2.70 hereby ensure that the feed is located below the reflux from the
condenser and above the boil-up stream. The number of column trays in the final design
is calculated based on the binaries for the location of reflux and boil-up streams

Ncol = NT −
NT∑
n=1

(
n∑

k=1

bB,k +

NT∑
k=n

bR,k

)
+ 2. (2.71)

The column diameter Dcol for a specific tray n is determined by the vapor load of the
column (Bauer, 1997)

Dcol,n =

√√√√4Vn

FΠ

√
RTn

∑
c yn,cMc

p
, (2.72)

with molar masses Mc and the F-factor F , which is assumed to be 2 Pa0.5. While the
column diameter should be determined as maxn Dcol,n, a single tray is selected and fixed
in the optimization for simplicity, instead of introducing the highly nonlinear equation for
every tray. The height of the column

Hcol = NcolHtray +Hcl (2.73)

is calculated based on the number of equilibrium trays Ncol, a height value for a single
tray Htray and a clearance for liquid distributors, demister, etc. Hcl. For all calculations
a height Htray = 0.5 m and an additional clearance Hcl = 4 m are assumed. The heat
exchange areas Ahx are determined by

Ahx =
QB

ΔTrebkreb
(2.74)
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2.3 Optimization with rigorous models

for a reboiler, and

Ahx =
QD

ΔTconkcon
(2.75)

for a condenser. ΔTreb and ΔTcon are the (logarithmic) mean temperature differences,
and kreb and kcon are the heat transfer coefficients for the reboiler and condenser. For all
calculations kreb = 1 kW

m2K
and kcon = 2 kW

m2K
are assumed, which are typical values for shell

and tube exchangers (Roetzel and Spang, 2013).

Capital cost estimation

The capital cost for a simple distillation column consists of the investment cost for the
column shell Ccs, the cost for column intervals Cci and the cost for heat exchangers Chx:

Ccap = Ccs + Cci + Chx. (2.76)

The investment cost for the column shell Ccs is determined by the diameter Dcol and the
height Hcol for the cylindrical pressure vessel:

Ccs =
MS−indextoday

MS−index1969

$1000

(
Dcol[ft]

3ft

)1.05 (
Hcol[ft]

4ft

)0.81

(MPF +MF − 1). (2.77)

The material and pressure correction factor MPF is 2.25, the module factor MF is 4.23.
The investment cost for column internals Cci is also determined by the diameter Dcol and
the height Hcol of the column shell:

Cci =
MS−indextoday

MS−index1969

$1000

(
Dcol[ft]

3ft

)1.05 (
Hcol[ft]

4ft

)0.81

(MPF +MF − 1). (2.78)

Sieve trays with 18 inch tray spacing made of stainless steel result in a material and pressure
correction factor MPF of 3.1. The module factor MF is 1.0. The investment cost for heat
exchangers Chx is determined by the heat exchanger area Ahx:

Chx =
MS−indextoday

MS−index1969

$5000

(
Ahx[ft

2]

400ft2

)0.77

(MPF +MF − 1). (2.79)

A kettle reboiler design is chosen for the reboiler, resulting in a material and pressure
correction factor MPF of 3.8. A floating head condenser results in a material and pressure
correction factor MPF of 3.75. The module factor MF for heat exchangers is 3.29.
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2 A unifying framework for conceptual process design

Model reformulation

Krämer et al. (2009) have proposed a robust and efficient optimization strategy for complex
large-scale distillation processes for multi-component azeotropic mixtures. This strategy is
based on a suitable initialization procedure and a continuous reformulation of the MINLP
problem by adding additional nonlinear complementarity constraints (NCC). Instead of
solving the MINLP problem directly, the problem is solved as a series of successively re-
laxed MINLP problems by means of a NLP solver. To finally obtain a discrete solution,
so-called NCC-functions are introduced as additional nonlinear constraints (Stein, Olden-
burg and Marquardt, 2004). As presented by Krämer et al. (2009), Fischer-Burmeister
functions are used as NCC functions and introduced as inequality constraints. Therefore,
the binary variable bF,n is substituted by a continuous variable 0 ≤ cF,n ≤ 1. Similar to the
binary variables, the sum of all these continuous variables is restricted by the summation
constraint

NT∑
n=1

cF,n = 1. (2.80)

To determine an integer solution, the Fischer-Burmeister functions are introduced as in-
equality constraints for all NT possible feed trays:

cF,n +
∑
m �=n

cF,m −
√√√√c2F,n +

(∑
m �=n

cF,m

)2

≤ μ, n = 1, ..., NT . (2.81)

During optimization, the relaxation parameter μ is reduced to μ = 0 in several steps of the
solution procedure. Thus, the final solution represents a solution to the original MINLP
problem.

2.3.4 Reactive distillation column

For a reactive distillation column, the mass balances for each column tray (Equation 2.48)
are substituted, as described by Harwardt, Kraemer, Rüngeler and Marquardt (2011), by

Lnxn,c + Vnyn,c = Ln−1xn−1,c + Vn+1yn+1,c + FzF,cbF,n

+RDxR,cbR,n +RByB,cbB,n −HnνcRn, c = 1, ..., nc, (2.82)

with holdup Hn, stoichiometric coefficient νc and rate of formation Rn. The energy balance
remains unchanged, since the reaction enthalpy is included in the enthalpy of formation of
the reactive species. An additional constraint for the diameter with respect to the required
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2.3 Optimization with rigorous models

holdup in the reactive section is also added to the column model:

Dcol ≥
√

4Hn

πHtray

n = 2, ..., NT − 1. (2.83)

2.3.5 Extractive distillation column

For an extractive distillation column, the mass balances (Equation 2.48) and energy bal-
ances (Equation 2.49) for each column tray are substituted by

Lnxn,c + Vnyn,c = Ln−1xn−1,c + Vn+1yn+1,c + FzF,cbF,n + EzE,cbE,n

+RDxR,cbR,n +RByB,cbB,n, c = 1, ..., nc, (2.84)

and

LnhL,n + VnhV,n = Ln−1hL,n−1 + Vn+1hV,n+1 + FhF bF,n + EhEbE,n

+RDhL,RbR,n +RBhV,BbB,n. (2.85)

Hereby, E, zE and hE are the flow rate, composition and enthalpy of the entrainer stream.
The closure relation and additional constraints

NT∑
n=1

bE,n = 1, (2.86)

n∑
k=1

bB,k + bE,n+1 ≤ 1, n = 1, ..., NT − 1, (2.87)

NT∑
k=n

bR,k + bE,n−1 ≤ 1, n = 2, ..., NT , (2.88)

n∑
k=1

bE,k + bR,n+1 ≤ 1, n = 1, ..., NT − 1, (2.89)

NT∑
k=n

bE,k + bB,n−1 ≤ 1, n = 2, ..., NT , (2.90)

ensure that the entrainer feed is located below the reflux from the condenser and above
the boil-up stream.
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2 A unifying framework for conceptual process design

1,VRC 2,VRC

6,VRC

5,VRC

4,VRC

3,VRC

P

Q

Q

Q

Q

C

he1

he2

B

comp

Figure 2.6: Basic configuration for a vapor recompression column.
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2.3 Optimization with rigorous models

2.3.6 Vapor recompression column

The basic configuration for a vapor recompression column (VRC), as described by Harwardt
and Marquardt (2012), is shown in Figure 2.6. The compressor outlet temperature is
modeled by means of a modified isentropic pressure-temperature relationship

T2,V RC = T1,V RC

(
1 +

1

ηcomp

((
p2,V RC

p1,V RC

)κ−1
κ

− 1

))
. (2.91)

The isentropic efficiency of the compression ηcomp is assumed to be 0.72, the isentropic
exponent κ to be 1.165. The VRC model also includes energy balances for the compressor
with a power duty Pcomp

0 = (h1,V RC − h2,V RC)Vcomp + Pcomp, (2.92)

the cooler of the superheated vapor stream with heat stream Qhe,1

Qhe,1 = (V3,V RChV,3,V RC + L3,V RChL,3,V RC)− (V4,V RChV,4,V RC + L4,V RCh4,L,V RC) , (2.93)

the condenser of the vapor stream with the heat stream Qhe,2

Qhe,2 = (V2,V RChV,2,V RC)− (V3,V RChV,3,V RC + L3,V RChL,3,V RC) , (2.94)

a balance which describes the decompression in the valve

0 = (V4,V RChV,4,V RC + L4,V RCh4,3,V RC)− (V5,V RChV,5,V RC + L5,V RCh5,L,V RC) , (2.95)

and a balance which describes the total condensation

0 = (V5,V RChV,5,V RC + L5,V RCh5,L,V RC)− (V6,V RChV,6,V RC) . (2.96)

The energy balances for the condenser (Equation 2.55) and for the reboiler (Equation 2.57)
have to be substituted by

0 = Vn+1hV,n+1 − (D +RD)hL,n +Qc + Pcomp −Qhe,1 −Qhe,2, n = 1, (2.97)

and

0 = Ln+1hL,n+1 − BhL,n −RBhV,n +QB +Qhe,1 +Qhe,2, n = NT . (2.98)
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2 A unifying framework for conceptual process design

Although the heat exchanger he1 and he2 are described by two models, they are represented
by a single unit of equipment with the heat transfer area

Ahx =
Qhe,1

ΔThe,1k
+

Qhe,2

ΔThe,2k
. (2.99)

The investment cost for the column are increased by the cost for the compressor Ccomp

which is determined by the power requirement for compression:

Ccomp =
MS−indextoday

MS−index1969

$23000

(
Pcomp[hp]

100hp

)0.77

(MPF +MF − 1). (2.100)

The material pressure factor MPF is 1.0 for a centrifugal compressor driven by an electric
motor, the module factor MF is 3.11.

2.3.7 Solution procedure

In order to optimize a complete reaction-separation process comprising several units, the
unit models are connected by streams with variable flow rates and compositions. The
objective function

min TAC = Cop + fc Ccap (2.101)

is specified to minimize the cumulated total annualized operating and capital cost of all
units in the process. It includes operating cost Cop and capital cost Ccap. The capital charge
factor fc = 0.14 accounts for a depreciation time of about 8 years including interest.

Figure 2.7 illustrates the solution strategy for the resulting optimization problem which
is of discrete-continuous nature due to discrete decisions relating to, e.g., the number of
trays of the distillation columns, and to continuous decisions like energy duties and flow
rates. Although the reformulation of the optimization problem by means of NCC and
the utilization of external functions (cf. Section 2.3.3) improve the robustness of the op-
timization runs, still a suitable initialization procedure is necessary to provide a feasible
starting point. This initialization is carried out in several steps, because, according to our
experience, a stepwise initialization of the optimization problem with gradually refined
models helps both robustness and efficiency, although more optimization problems have to
be solved. During initialization, the shortcut models for the units are consecutively substi-
tuted by rigorous models with a fixed number of stages (in case of distillation columns) or
volume elements (in case of tubular reactors) to provide good initial values for the following
rigorous process optimization. After each of these replacements the process is optimized
by minimizing operating cost, only to adjust the previously computed operating point
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Figure 2.7: Solution strategy for optimization of integrated reaction-separation processes.
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2 A unifying framework for conceptual process design

with the help of the rigorous models. After the last shortcut model has been substituted,
the initialization procedure is completed and the process optimization problem minimizing
total annualized cost and adjusting all degrees of freedom simultaneously can be robustly
performed. Because of the systematic model refinement and initialization, this last step of
the solution strategy will converge quickly to a local optimal solution of good quality of
the MINLP problem.

2.4 Illustrative example: ETBE synthesis

In this section, the proposed framework is illustrated by the industrially relevant case study
of ethyl tert-buthyl ether (ETBE) production. The fuel additive ETBE is commercially
produced by a reversible reaction of isobutene (IB) and ethanol (EtOH) with a strong
acidic macroporous ion exchange resin in liquid phase at 10 bar. Since the undesired
dimerization and isomerization side-reactions can be suppressed by means of an ethanol
excess of at least 4 mol-% (Thiel, Sundmacher and Hoffmann, 1997), an ethanol recycle
is considered in the flowsheet variants. Additionally, one of the process feeds, the one
containing IB, is usually not pure but contains a number of impurities, which are further
taken into account in a lumped n-butane (nBa) fraction (Ryll, Blagov and Hasse, 2006).
Due to two binary azeotropes, one on the nBA/EtOH edge and one on the ETBE/EtOH
edge, the mixture exhibits a (non-reactive) distillation boundary (cf. Figure 2.8), which is
qualitatively corresponding to a reactive separation boundary. It prevents the separation
of the reactor outlet into the product and unconverted raw materials by simple distillation
and further complicates the recycle strategy of the process. In the following, we will show
how the utilization of the proposed framework supports the development of a new and
innovative process for this production problem. The presentation follows the workflow in
Figure 2.1.

2.4.1 Variant generation

Since automatic flowsheet generation procedures for integrated reaction-separation pro-
cesses are not available yet (cf. Section 2.1), several conventional combinations of reactor
networks and distillation columns without additional separating agents have been gener-
ated using heuristics (Douglas, 1988). Figure 2.9 shows these initial flowsheet candidates
for an ETBE process. Alternative 1.1, which is a simple conventional variant combining
a reactor network (R1) and a single distillation column (C1), serves as a starting point.
Since the distillation boundaries restrict the separation, some ETBE is recycled with the
not yet converted raw materials and the inert nBa. To avoid the accumulation of nBa in
the process, some of the recycle containing the raw materials and ETBE has to be purged.
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ETBE 

EtOH 
nBa 

non-reactive 
azeotrope 

non-reactive 
& reactive 
azeotrope 

reactive 
azeotrope 

Figure 2.8: Vapor-liquid diagram for the quaternary system of isobutene - n-butane - ethanol
- ETBE at 8 bar with non-reactive separation boundaries.

To overcome the limitations of the distillation boundary and to prevent the purging of
the raw materials and ETBE, two variants with better recovery are added to the variant
tree. Alternative 1.2 consists of one reactor network (R1) and three distillation columns.
In a first column (C2) the IB/nBa and EtOH/ETBE mixtures are separated. In a second
column (C3) ETBE and the EtOH/ETBE azeotrope are separated and the azeotrope is re-
cycled. A third column (C4) separates nBa and IB, which is also recycled. Alternative 1.3
includes a fourth column (C5) to overcome the ETBE/EtOH azeotrope by pressure-swing
distillation to allow for recycling of pure EtOH rather than the azeotrope. Improving the
reaction yield of the process is possible by introducing a second reactor network to trans-
form the unconverted raw material and to avoid the accumulation of the inert nBa in the
first reactor network. Therefore, alternative 2.1, which represents the industrially used
Oxeno-process, and alternative 2.2, which represents the industrially used Hüls-process
(Ullmann, 2001), are also added to the variant tree. Alternative 2.1 consists of two reac-
tor networks and two distillation columns. Hereby, a first column (C1) separates ETBE
from the reactor effluent. In contrast to alternative 1.1, where the mixture containing the
unconverted raw material, nBa and ETBE (due to the separation boundary), is recycled,
this mixture is fed to a second reactor network (R2) in alternative 2.1. Subsequently,
nBa is separated from the second reactor network’s effluent and the remaining mixture is
recycled. The separation strategy of alternative 2.2 is slightly different. A first column
(C7) separates an EtOH/ETBE mixture from the reactor effluent. In an additional column
(C8) this mixture is further separated into ETBE and the EtOH/ETBE azeotrope, which
is recycled.
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2 A unifying framework for conceptual process design

Although the utilized methods also allow the optimization of the column pressures, they
are fixed at 8 bar for all alternatives (but the pressure-swing column (C5) in alternative
1.3, which is operated at 1 atm). Since higher pressures would increase the reboiler tem-
peratures above the temperature of the available 10 bar steam and lower pressures would
increase the ETBE concentration in the recycle streams, these degrees of freedom have
been fixed to increase the robustness of the optimization problems.

2.4.2 Optimization with shortcut models

Using the proposed shortcut-based evaluation method (cf. Section 2.2) the optimal op-
erating points of the process variants can be found by minimizing the operating cost
Cop = CRaw +CCat +CSep, which includes the cost of raw material CRaw, the cost of cata-
lyst CCat, and the cost of separation CSep. It is evaluated for the process constraints given
in Table 2.1 and the cost factors given in Table 2.2.

Table 2.1: Process constraints (adapted from Thiel et al. (1997) and Praefke et al. (2007)).

ETBE capacity 34.5 mol/s
ETBE stream purity ≥ 99 mol%
n-Butane stream purity ≤ 1 mol% isobutene
ethanol excess in reactor ≥ 4 mol%
reactor temperature 293 K ≤ TR ≤ 363 K

Table 2.2: Cost factors for economic potential (adapted from Sundmacher et al. (1995) and
Kossack et al. (2007)).

CETBE 69.92 $/kmol
CEtOH 38.29 $/kmol
CIB 4.55 $/kmol
CSteam 15.85 $/t
CCoolingWater 0.05 $/t
CElectricity 50 $/MWh
CCatalyst 3.06 $/kg
TSteam 527 K
TCoolingWater 288 K
annual operation time 8000 h
catalyst lifetime 8000 h
catalyst density 1.515 kg/l
catalyst porosity 0.36
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2 A unifying framework for conceptual process design

Table 2.3: Coefficients for the calculation of heat capacity cp,c (taken from Jensen and Datta
(1995) and Palczewska-Tuliânska (1997)).

K1,c K2,c K3,c K4,c K5,c

ETBE 40.418 0.7532 -0.001053 1.8066E-06 0
IB 35.44 0.802 -0.003124 5.045E-06 0
EtOH 29.01 0.2697 -0.0005658 2.079E-06 0
nBa -164.2166 5.482195 -0.0401624 0.00012947 -1.513E-07

As mentioned before, the cost of separation are approximated by the FAM (cf. Section
2.2.2). For calculating the cost of catalyst we assume that the volumes of the reaction
devices of the reactor shortcut model (cf. Section 2.2.1) are filled with macroporous ion
exchange resign. For all optimization runs, reaction kinetic data are taken from Thiel et al.
(1997) and the VLE is modeled using UNIFAC with parameters taken from the ASPENR©

APV73 database. The coefficients for the calculation of the heat capacities are given in
Table 2.3. Table 2.4 shows the results obtained from the optimization procedure presented
in Section 2.2.3.

Table 2.4: Optimization results using shortcut models: Cost contributions for process alter-
natives displayed in Figure 2.9.

CRaw [106$/a] CCat [10
6$/a] CSep [106$/a] COp [106$/a]

alternative 1.1 54.1 2.2 2.2 58.5
alternative 1.2 49.2 0.1 1.9 51.2
alternative 1.3 49.2 0.1 1.9 51.2
alternative 2.1 49.3 2.1 1.5 52.9
alternative 2.2 49.3 2.1 1.5 52.9

Alternative 1.1 shows the highest operating cost, as unconverted raw material has to be
purged to avoid the accumulation of the inert nBa. In the two-stage alternatives 2.1 and
2.2 this unconverted raw material is transformed in a second reactor network to reduce the
operating cost. However, the purity requirement of the nBa stream leaving the process,
which suppresses the catalyst poisoning in the following processing steps, constrains the
conversion of IB and leads to higher catalyst cost compared to the single-stage alternatives
1.2 and 1.3 with multiple columns and a different recycle strategy. At the optimal operating
point the more complicated alternatives 1.3 and 2.2 simplify to the alternatives 1.2 and
2.1 as the additional columns separating the ETBE/EtOH azeotrope (C5 and C8) do not
improve the operating cost.

In addition to an assessment of the cost contributions, an analysis of the device con-
nectivity of the reactor shortcut results allows to identify the optimal reactor network for
all process alternatives. Since the reaction devices show similar residence times and are
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2.4 Illustrative example: ETBE synthesis

arranged in a sequence without sidestreams the optimal reactor network for all alternatives
is identified to constitute of a single PFR.

2.4.3 Revision of the process variants

Based on the results of the shortcut evaluation, alternative 1.1 shows the highest operating
cost. Hence, this alternative is discarded. Alternatives 1.3 and 2.2 are also discarded as
their additional columns do not improve the operating cost. A promising approach to
improve the ETBE process are hybrid separation processes, which have been investigated in
literature. A pervaporation-distillation hybrid process and an extraction-distillation hybrid
process have been identified as most promising alternatives (Yee, Mohamed and Tan, 2013).
Both are focusing on the separation of the azeotropic EtOH/ETBE mixture. The results
of the shortcut evaluation already show that breaking the azeotrope by pressure-swing
distillation is not economically attractive since the possible cost reduction for recycling pure
EtOH does not compensate the energy cost for the additional column (C5) of alternative
1.3. Further studies show that even if the energy cost for C5 are set to zero the economic
potential does not increase in case pure EtOH is recycled. Therefore, the sole potential
of such a hybrid separation process is the energy cost reduction of the column separating
ETBE and the EtOH/ETBE azeotrope. However, the energy cost of the process are
dominated by columns C2 and C4, which are not influenced by the hybrid separation
processes. Nevertheless, the energy cost for column C4 can be reduced by heat integration.
As the temperature difference of the distillate and bottom products is less than 10 K, vapor
recompression appears promising (Harwardt and Marquardt, 2012).

Alternatively, the process cost may be reduced by reactive distillation. The large in-
ternal recycle in column C2, which causes its high energy cost, can help to overcome the
kinetic restriction of the low reaction rate to possibly result in lower catalyst cost. The
reactive distillation column might also be more energy-efficient since heat generated by the
exothermic reaction can compensate the reboiler heat input (Daniel and Jobson, 2007).
Therefore, two additional variants are added to the variant tree: alternative 1.4, which
extends variant 1.2 by including VRC for column C4 (C9) and alternative 1.5, which in-
corporates VRC for column C4 and replaces column C2 by a reactive distillation column
(C10). Though the novel process variants could be optimized with shortcut models to
determine a bound on operating cost, the alternatives shown in the revised variant tree in
Figure 2.10 are directly selected for rigorous optimization. Initialization information can
be deduced from the results obtained for alternative 1.2.
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Figure 2.11: Superstructure for ETBE process.

2.4.4 Optimization of a process superstructure with shortcut

models

In literature, different process alternatives are often aggregated to one process superstruc-
ture which is consequently optimized with shortcut models to identify the optimal process
structure (see, e.g., Gassner and Maréchal, 2009a;b). However, as mentioned in Section
1.1.3, modeling for superstructure optimization requires always a trade-off between com-
plexity of the superstructure and the solvability of the problem. Therefore, to improve
solvability, often simple shortcut models are utilized to optimize superstructures embed-
ding multiple process alternatives. Such a superstructure for an ETBE process, which
embeds the process alternatives displayed in Figure 2.9, is shown in Figure 2.11.

The solution of such a superstructure with several units and recycles is challenging. Since
no optimal solution for the superstructure shown in Figure 2.11 could be found utilizing the
shortcut models presented in Section 2.2 the models for the reactor networks are simplified
to equilibrium reactors in the following optimization run. This simplification reduces the
degrees of freedom of this complex optimization problem to the flow rates of the process
feeds and the split factors of the superstructure nodes. To allow for discarding of individual
columns within the superstructure, the energy demand for the columns are evaluated for a
fixed feed flow rate and the specified separation tasks for each column listed in Table 2.5.
This ensures that the FAM equations do not become singular. However, the concentrations
of the individual species are variable. For approximating the cost for separation the energy
demands for each column (calculated for the fixed feed flow rates) are scaled with the real
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feed flow rate and add up.

Table 2.5: Overview on separation tasks of individual columns in superstructure.

Column Feed Distillate Bottom
C1 IB/nBa/EtOH/ETBE IB/nBa/EtOH ETBE
C2 IB/nBa/EtOH/ETBE IB/nBa/EtOH/ETBE EtOH/ETBE
C3 IB/nBa/EtOH/ETBE IB/nBa EtOH/ETBE
C4 EtOH/ETBE EtOH/ETBE ETBE
C5 EtOH/ETBE EtOH/ETBE EtOH
C6 IB/nBa IB nBa
C7 nBa/EtOH/ETBE nBa EtOH/ETBE

Table 2.6 shows the optimization results and Figure 2.12 the optimal structure for the
ETBE process obtained by optimization of the superstructure using the initialization pro-
cedure described in Section 2.2. This structure consists of two reactor networks and six
distillation columns. The only unit of the superstructure that is not used in the optimal
process structure is the distillation column for breaking the ETBE/EtOH azeotrope (C5)
since it does not improve the operating cost. The operating cost for this structure are
lower than for all alternatives displayed in Figure 2.9. However, it has to be noted that
the cost of catalyst has been discarded from the objective function used for optimizing the
superstructure. The utilized equilibrium reactor model does not allow an estimation of this
cost factor. This reveals one of the drawbacks of superstructure optimization. Since often
simple models are utilized to improve the solvability of the problem, important cost factors
may not be estimated as accurately as possible. Another drawback is that the results of the
superstructure optimization reveals only the structure with minimum operating cost but
allows no conclusions on other structures. However, other process structures might have
comparable operating cost and should therefore not be discarded in this design step. For
this case study, alternative 2.1 has comparable operating cost if the cost of catalyst are not
taken into account. However, this alternative consists of a significant smaller number of
units and therefore will most probably reveal smaller investment cost. In addition, based
on the information gained during the shortcut evaluation novel process variants could be
developed and selected for rigorous optimization. All in all, the better solvability of the
smaller problems, the resulting possibility to use more sophisticated shortcut models and
the additional information gained during the evaluation of the different flowsheet alterna-
tives lead to the conclusion that the evaluation of the different process variants should be
favored over the optimization of a superstructure embedding all alternatives.
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Table 2.6: Optimization results using shortcut models: Cost contributions for process super-
structure displayed in Figure 2.12.

CRaw [106$/a] CCat [10
6$/a] CSep [106$/a] COp [106$/a]

superstructure 49.5 – 1.0 50.4
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Figure 2.12: Optimal structure for ETBE process and energy demands for columns obtained
by superstructure optimization. The unused streams and unit of the superstructure are displayed
in gray.

2.4.5 Optimization with rigorous models

The goal of rigorous optimization is to identify the cost-optimal production process. De-
tailed specifications of the units, such as the numbers of column trays, reactor dimensions,
and heat exchanger areas are determined for each instance in the updated tree of alter-
natives shown in Figure 2.10. The efficient solution strategy introduced in Section 2.3.7
allows the robust solution of this challenging optimization problem. The economic objec-
tive reflecting the total annualized cost includes the operating as well as the investment
cost for the reaction and separation units. As the analysis of the device connectivity of the
reactor shortcut results revealed the optimal reactor system to be a PFR (cf. Section 2.4.2),
the corresponding model presented in Section 2.3.1 is used for the rigorous optimization
of all variants. The model presented in Section 2.3.3 is utilized for the simple distillation
columns. For the VRC column C9 the model presented in Section 2.3.6 is utilized. It
extends the column model for simple distillation to include the necessary equations for
the compressor and additional heat exchangers. For the reactive column C10 the rigorous
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Table 2.7: Optimization results using rigorous models: Cost contributions for process alter-
natives displayed in Figure 2.10.

CRaw [106$/a] CReac [10
6$/a] CSep [106$/a] TAC [106$/a]

alternative 1.2 51.1 1.0 2.6 54.7
alternative 1.4 51.0 0.3 2.5 53.8
alternative 1.5 51.0 0.3 2.5 53.8
alternative 2.1 51.2 4.4 1.3 56.9

column model presented in Section 2.3.4 is employed for rigorous optimization. This model
integrates the reaction rates into the balance equations of the model presented in Section
2.3.3. The liquid hold-ups on each tray are treated as additional degrees of freedom.

Based on the rigorous optimization results for the previously selected variants (cf. Table
2.7) the cost-optimal process with total annualized cost of 53.8 · 106$/a is alternative 1.4,
which is illustrated in more detail in Figure 2.13. This revised alternative outperforms
alternative 1.2 which showed the lowest operating cost for the optimization with shortcut
models (cf. Table 2.4). In contrast to a previous study on the ETBE process (Daniel and
Jobson, 2007), which utilizes the boundary value method and assumes chemical equilib-
rium, the reactive distillation column C10 of alternative 1.5 does not improve the economic
potential of the process. The unfavored endothermic reverse reaction dominates the over-
all reaction rate on all trays since the enforced EtOH excess in the reactor to prevent the
formation of side products, the purity constraint of the nBa stream to prevent catalyst poi-
soning in the following processing step and, in addition, the high volatility of IB lead to low
IB concentrations in the liquid phase on the column trays. Consequently, the hold-ups for
all trays of column C10 are set to zero although the reactive azeotrope on the ETBE/EtOH
edge would allow a slightly higher ETBE recovery (cf. Figure 2.8). Therefore, alternative
1.5 (w/ reactive distillation) simplifies to alternative 1.4 (w/o reactive distillation). This is
even the case when different reactor conversions are used as starting points for the rigorous
optimization to reduce the possibility of local minima.
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2 A unifying framework for conceptual process design

2.5 Illustrative example: Allyl chloride production

The previous section has shown how the proposed framework facilitates the design of an
optimal flowsheet structure, when distillation boundaries impede separation. In this section
we will shift the focus to the design of a suitable reactor network for a reaction scheme with
side- and consecutive reactions. As stated in Section 1.1.1, the different design methods for
reactor networks all have their weaknesses which complicate their utilization for the design
of reaction/separation processes. Attainable region approaches, e.g., require a given reactor
feed concentration, which is often not known in the early design phase. Superstructure
approaches can, in principle, be utilized if the structure of a reactor network is not known
a priori. However, these highly complex MINLP problems are difficult to set up and solve
(cf. Sections 1.1.3 and 2.4.4). In this section, we will show how the proposed framework
can facilitate the identification of a suitable structure of a reactor network embedded into
a flowsheet with separation units. As illustrative example serves the case study of allyl
chloride production.

2.5.1 Variant generation

Allyl chloride is an intermediate in the production of chemicals like esters and salines. The
key reaction for its production is the non-catalytic chlorination of propylene (C3H6) with
chlorine (Cl2) in the vapor phase

C3H6 + Cl2
R1−−→ C3H5Cl + HCl, (2.102)

which forms the desired product allyl chloride (C3H5Cl) and the byproduct hydrogen
chloride (HCl). In a consecutive reaction allyl chloride reacts with chlorine to form 1,3-
dichloropropene (C3H4Cl2) and hydrogen chloride:

C3H5Cl + Cl2
R2−−→ C3H4Cl2 +HCl. (2.103)

The selectivity of the system is limited by the parallel reaction of propylene with chlorine
which forms the side-product 1,2-dichloropropane (C3H6Cl2):

C3H6 + Cl2
R3−−→ C3H6Cl2. (2.104)
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2.5 Illustrative example: Allyl chloride production

The reaction kinetics of the system can be described by the non-isothermal van de Vusse
reaction scheme (Pahor et al., 2001)

A
R1−−→ B

R2−−→ C, (2.105)

2A
R3−−→ D, (2.106)

with the rate equations

R1 = k1 xC3H6
xCl2

, (2.107)

R2 = k2 xC3H5Cl xCl2
, (2.108)

R3 = k3 xC3H6

2 xCl2
. (2.109)

The reaction rate constants kr, r = 1, 2, 3, are described by the Arrhenius equation

kr = kr,0 exp

(−Ea,r
RgT

)
, (2.110)

where kr,0 is the pre-exponential factor, Ea,r the activation energy of each reaction, Rg

the ideal gas constant and T the temperature. Table 2.8 lists the activation energies,
pre-exponential factors and heat of reactions for the allyl-chloride reactions used for all
optimization runs. The pressure of the reaction is assumed to be 1 bar.

Table 2.8: Activation energies Ea,r, pre-exponential factors kr,0 and heat of reactions ΔHR,r

for the allyl chloride reactions.

reaction Ea,r [
kJ
mol

] kr,0
[
mol
m3s

]
ΔHR,r [

kJ
mol

]
(1) 66.3 1.5 · 109 -113
(2) 99.4 4.4 · 1011 -128
(3) 33.1 1 · 105 -183

Figure 2.14 shows an initial flowsheet candidate for an allyl chloride production process,
which has been generated using heuristics (Douglas, 1988). This candidate consists of one
reactor network and three distillation columns. The first column (C1) separates the low
boiling hydrogen chloride from the reactor network effluent. A part of the hydrogen chloride
can be recycled to the reactor network, the rest is purged. The pressure of this column is
set to 13 bar. As mentioned in Section 2.4.1, the utilized methods in principle allow for
the optimization of the column pressures. However, these degrees of freedom have been
fixed to increase the robustness of the optimization problems, since higher pressures would
increase the reboiler temperature above the temperature of the available 10 bar steam and
lower pressures would decrease the condenser temperature below the temperature of the
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2 A unifying framework for conceptual process design

R1 C1

C2

C3

Figure 2.14: Initial flowsheet candidate for allyl-chloride production process.

available cooling water. The second column (C2) separates the non-converted propylene
and chlorine, which are recycled to the reactor network, its pressure is also set to 13 bar.
The third column (C3) separates the allyl chloride from the high boiling side products
1,3-dichloropropene and 1,2-dichloropropane, its pressure is set to 1 bar.

2.5.2 Optimization with shortcut models

Using the shortcut models and solution procedure presented in Section 2.2, the optimal
operating point of the process variant can be found by minimizing the operating cost Cop =

CRaw+CSep , which includes the cost of raw material CRaw and the cost of separation CSep.
It is evaluated for the process constraints and cost factors given in Table 2.9. The VLE is
modeled using UNIFAC with parameters taken from the ASPENR© APV73 database. The
coefficients for the calculation of the heat capacity are given in Table 2.10.

Table 2.11 shows the results of the shortcut evaluation. At the optimal operating point
83% of the propylene are converted in the reactor. Chlorine is added in a small excess
(chlorine to propylene ratio of 1.03) to improve the selectivity towards allyl chloride. Ad-
ditionally, a large amount of hydrogen chloride is recycled to the reactor network, since
the higher separation cost for this recycle are more than compensated by the improved
selectivity due to the lower concentrations of propylene and chlorine. In contrast to the
ETBE case study, an analysis of the device connectivity of the reactor shortcut results
for this case study does not allow to deduce the optimal reactor system. At the optimal
operating point the reaction devices vary in a wide range in their residence time and are
in many cases interconnected. We will show in Section 2.5.4 how the stepwise solution
presented in Section 2.3 can facilitate the identification of an appropriate reactor network.

48

https://doi.org/10.51202/9783186951038 - Generiert durch IP 216.73.216.60, am 24.01.2026, 02:14:17. © Urheberrechtlich geschützter Inhalt. Ohne gesonderte
Erlaubnis ist jede urheberrechtliche Nutzung untersagt, insbesondere die Nutzung des Inhalts im Zusammenhang mit, für oder in KI-Systemen, KI-Modellen oder Generativen Sprachmodellen.

https://doi.org/10.51202/9783186951038


2.5 Illustrative example: Allyl chloride production

Table 2.9: Process constraints and cost factors for economic potential (adapted from Pahor
et al., 2001).

allyl chloride capacity 7.56 mol/s
allyl chloride stream purity ≥ 99 mol%
reactor temperature 320 K ≤ TR ≤ 460 K
CC3H6

21.55 $/kmol
CHCl 7.8 $/kmol
CSteam 15.85 $/t
CCoolingWater 0.05 $/t
TSteam 527 K
TCoolingWater 288 K
annual operation time 8000 h

Table 2.10: Coefficients for the calculation of heat capacity cp,c.

K1,c K2,c K3,c K4,c K5,c

HCl 29157 9048 2093.8 -107 120
propylene 43852 150600 1398.8 74754 616.46
chlorine 29142 9176 949 10030 425
allyl chloride 143710 1677.7 103130 0.00012947 769.64
1,3-dichloropropene 52989 96580 583.6 86298 1965.6
1,2-dichloropropane 78658 174290 1715.7 126270 765

2.5.3 Revision of the process variant

According to heuristics (Douglas, 1988) the light key component hydrogen chloride is sep-
arated in the first column in the initial flowsheet alternative. One part of the recovered
hydrogen chloride is recycled to the reactor, the other part is purged. The results of the
shortcut evaluation have shown that, at the optimal operating point, the main part of
hydrogen chloride is recycled to the reactor network together with the unconverted propy-
lene and chlorine. Therefore, it is possible to use a partial vapor-liquid condenser for the
second column and to remove the first column from the flowsheet since it is not necessary
to ensure a sharp split between hydrogen chloride and propylene and chlorine. The liq-
uid stream of the partial condenser contains some amount of hydrogen chloride which is
recycled to the reactor network together with propylene and chlorine. The vapor stream,
which mainly consists of hydrogen chloride, is partly recycled to the reactor network or
purged out. Consequently this stream can be used to adjust the hydrogen chlorine concen-
tration within the reactor network which makes the first column superfluous. The revised
flowsheet candidate is shown in Figure 2.15.
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2 A unifying framework for conceptual process design

Table 2.11: Optimization results using shortcut models: Cost contributions for process alter-
native displayed in Figure 2.14.

CRaw [106$/a] CSep [106$/a] COp [106$/a]
6.84 0.12 6.96

R1 C2

C3

Figure 2.15: Revised flowsheet candidate for allyl-chloride production process.

2.5.4 Optimization with rigorous models

Using the rigorous optimization models and solution procedure presented in Section 2.3,
detailed specifications of the entire reaction and separation units of the revised flowsheet
candidate are determined. The economic objective function hereby includes the operating
as well as the investment cost for the reaction and separation units. As mentioned in
Section 2.5.2, an analysis of the device connectivity of the reactor shortcut results does not
allow to identify the optimal reactor network. Therefore, the stepwise solution strategy
presented in Section 2.3.7 is adapted to facilitate the identification of a suitable reactor
network.

As stated in Section 2.2, the shortcut evaluation results serve as performance bounds
for the operating cost. During initialization of the rigorous models, the shortcut models
of the single units are consecutively substituted by rigorous models with fixed sizes (cf.
Section 2.3.7). After each of these replacements the process is optimized by minimizing
operating cost, only to adjust the operating point previously computed with shortcut
models by means of the rigorous models. As one step of the initialization procedure
an alternative with rigorous models for the distillation columns and the reactor shortcut
models is optimized. For this case study, this initialization step furthermore facilitates
the identification of a suitable reactor network. By minimizing the sum of Cop and the
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2.5 Illustrative example: Allyl chloride production

investment cost of the distillation columns, a performance bound for the reactor network
can be conduced. Consequently, different reactor networks can be benchmarked against
this bound. In a first run we benchmark two flowsheet variants with different (simple)
reactor networks, a single CSTR and a single PFR, to evaluate their process performance.

Table 2.12: Optimization results using rigorous column models and alternative reactor models.

CRaw [106$/a] CSep [106$/a] CReac [10
6$/a] TAC [106$/a]

reactor shortcut 6.87 0.32 - 7.19
CSTR 7.05 0.51 0.54 8.10
PFR 7.01 0.30 0.15 7.46

Table 2.12 shows the results of the optimization with rigorous column and alternative
reactor models. The process alternative with a PFR outperforms the alternative with a
CSTR in raw material cost, separation cost, and cost for the reactor. The separation
systems of both processes are structurally identical. Since the boiling temperatures of all
components of the gaseous mixture are widely spread and no azeotropes are present, the
separation is not expensive in either case. The separation cost for the CSTR alternative
are higher, since more hydrogen chloride is recycled to improve the selectivity towards
allyl chloride. The reaction rates in a CSTR are determined by its outlet composition.
Therefore, a high dilution is necessary to suppress the consecutive reaction of allyl chloride
to 1,3-dichloropropene. However, this high dilution leads to a low reaction rate for the allyl
chloride formation and results in a large reactor volume. The residence time of the CSTR is
almost 60 times higher compared to the residence time of the PFR. Consequently, the cost
for the CSTR are also higher than for the PFR. A shortcut evaluation with side-streams
to the reactor network has shown that a DSR does not lead to a decrease of the operating
cost. Consequently, a reactor network consisting of at least two reactors is necessary to
reduce the TAC. However, it is unlikely that the additional investment cost for a second
reactor are compensated by decreasing raw material cost. Therefore, no further alternative
reactor network is evaluated in this work, although there is still a gap between the TAC
of the PFR alternative and the alternative with the reactor shortcut. Based on the results
of the rigorous optimization the alternative with a PFR, which is shown in Figure 2.16, is
selected as cost-optimal process.
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2.6 Conclusions

2.6 Conclusions

When reviewing classical design methods for conceptual design of reaction-separation pro-
cesses, it becomes obvious that no single method for process design is capable of solving
all problems associated to the design of integrated reaction and separation processes. This
is partly due to the large number of continuous and discrete degrees of freedom, the cou-
pling of reaction and separation units in a flowsheet and the strongly nonlinear unit models.
Therefore, a design framework which combines different design methods is proposed in this
chapter and applied to two complex case studies. In this framework the process design
task is separated into three distinct steps. In the first step, possible process variants are
generated. Consequently, the generated alternatives are evaluated with the help of short-
cut models in the second step. In previous publications either equilibrium reactor models
and thermodynamically sound distillation shortcuts (see, e.g., Kossack et al., 2007) or ki-
netically controlled reactor models and correlations for the distillation of ideal mixtures
(see, e.g., Hentschel et al., 2014) have been coupled. Equilibrium reactor models do not
allow to determine the cost of catalyst and the optimal conversion for reaction schemes
with consecutive and/or side reactions. Simple distillation shortcuts, e.g., the Fenske-
Underwood-Gilliland correlations, may be inaccurate for azeotropic mixtures. In order to
estimate all important cost factors as accurately as possible, in this work a kinetically-
controlled reactor shortcut is coupled with the pinch-based FAM. The aggregation of these
efficient shortcut models in one NLP problem facilitates the optimization-based evalua-
tion of several process alternatives within a few minutes of computational time. Based
on these results some of the flowsheet candidates can be discarded and new candidates
are added to the variant tree taking into account the knowledge gained from the first
evaluation step. The results of the shortcut calculation are further used for an efficient
initialization of the rigorous optimization models. The relaxation of the binary variables
by NCCs and the utilization of external equations significantly increase the robustness of
the rigorous optimization calculations. Nevertheless, a suitable initialization is necessary
to provide a feasible starting point. To this end, the shortcut models for the units are con-
secutively substituted by rigorous models to provide good initial values for the following
rigorous process optimization. After each of these replacements the process is optimized
to minimize operating cost only adjusting the operating point computed previously with
shortcut models by means of rigorous models. Finally, the process optimization problem
minimizing total annualized cost and adjusting all degrees of freedom simultaneously is
solved robustly within a few hours computational time. Since a number of feasible pro-
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2 A unifying framework for conceptual process design

cesses are already eliminated, only a few optimization runs are necessary in the final step.
The whole process design framework constitutes a procedure of incremental refinement
and successive initialization to allow for a systematic generation and evaluation of com-
plex reaction-separation processes. The time for developing new and innovative processes
can be significantly reduced and the quality of the result is improved at the same time.
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3 Systematic variant generation for

catalytic processes

In industrial practice heuristics play an important role for conceptual process design. Well-
known heuristic rules for the design of general chemical processes have been proposed by
Douglas (1988), for example. In this hierarchical approach, the very large and complex
design task is decomposed into a number of smaller problems that are much better to
solve (cf. Section 1.1.3). While these rules have been adapted to the design for, e.g.,
energy processes (Upadhye et al., 2011), the design of catalytic processes has not gotten
appropriate attention yet. Reasons are the additional decisions related to the catalyst
which further complicate the generation of suitable process variants.

Catalyst-based processes account for about 60% of chemicals production. Catalysts are
used in the production of over 7000 compounds worth over $3 trillion globally (Senkan,
2001). Therefore, a systematic procedure to facilitate the design of catalytic processes
is necessary. In principle, the framework presented in Chapter 2 provides a systematic
tool to design catalytic processes. Within this framework, possible process candidates
are evaluated and consequently optimized to identify the best process. The framework
also helps to identify the steps within a process that are the most expensive providing
insight into how cost can be reduced and guiding where future research efforts should be
directed. The main challenge in the current version of the framework is that the generation
of alternative flowsheet variants still requires expert knowledge and experience in order to
come up with good alternatives and as such the approach is not completely systematic.
As mentioned in Section 2.1, automatic variant generation methods are not applicable to
general reaction-separation processes yet and for catalytic processes even heuristics are
lacking. Therefore, to allow the design of a catalytic butadiene telomerization process in
Chapter 4, necessary extension of the heuristic rules proposed by Douglas (1988) for the
design of catalytic telomerization processes are presented in this chapter.

Especially for catalytic processes, the necessary insight into the reaction cannot be gen-
erated fully in silico, but requires laboratory experiments to determine important process
parameters. Laboratory chemists can spend significant effort on improving a reaction with
their ’favorite’ catalyst which could turn out to be not economical, e.g., due to high catalyst
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degeneration. Therefore, a systematic process design methodology should also serve as a
research tool in planning and guiding laboratory experiments. In this chapter, a procedure
for the generation of catalytic process variants is presented which integrates laboratory ex-
periments into the design procedure. Together with the shortcut evaluation and rigorous
optimization methodology presented in Chapter 2, this procedure can be used for the sys-
tematic design of catalytic processes. The procedure follows the key steps of the heuristic
proposed by Douglas (1988). They are consequently reviewed in the following sections,
but for a more comprehensive presentation of the technical details we refer to the Dou-
glas’ monograph. To facilitate the design of a catalytic telomerization process in Chapter
4, the individual steps are extended where necessary to include the decisions related to
the catalyst. Additionally, a further step is integrated into the design methodology which
forms the connection between process design and laboratory experiments and facilitates
the identification of reaction kinetic models for the previously identified catalysts. The
insight gained during the experiments can be used to revise the process variants. Addi-
tionally, the kinetic models can be utilized for subsequent shortcut evaluation and rigorous
optimization.

3.1 Batch vs. continuous

The first decision towards the generation of process variants relates to the mode of opera-
tion, wether a batch or a continuous production is preferred. The most common guideline
that helps to indicate when a batch process may be favored over a continuous process is
based on the production rate. Plants having a capacity of more than 5000 t/a should usu-
ally be operated in continuous mode, plants having a capacity of less than 500 t/a should be
operated in batch mode. However, the development of compact and microreactor systems
has started to break with this tradition (Lapkin and Plucinski, 2009). Continuous pro-
cesses are also more and more considered for fine chemical and pharma processes (Valera,
Quaranta, Moran, Blacker, Armstrong, Cabral and Blackmond, 2010, Colberg, Koenig,
Leahy and Poechlauer, 2013). Therefore, for catalytic processes having a capacity of less
than 5000 t/a both modes of operation should be evaluated to find the best process. Since
the evaluation might include a wide range of criteria beside cost, in some cases a detailed
life cycle analysis (LCA) of the process with both modes of operation might be necessary
to allow a vital comparison of the batch and continuous process (Falß, Tomaiuolo, Perazzo,
Hodgson, Yaseneva, Zakrzewski, Guido, Lapkin, Woodward and Meadows, 2016).
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3.2 Input/output structure

In the second step, the input/output structure of process flows is considered by taking
into account the balance envelope for the entire process. The decisions at this stage are
the selection of raw materials, products and, for complex synthesis routes, the reaction
pathway from raw material to product. For simple synthesis routes, the process economic
potential at this step is calculated based on the reaction stoichiometry and is primarily
the difference between the revenue from the product and the raw material cost

Φ = product revenue− raw material cost. (3.1)

The cost for catalyst cannot be included in the economic potential at this step, since
the required amount of catalyst cannot be assessed from the reaction stoichiometry. For
many alternative reaction pathways, rapid screening methods like the reaction network flux
analysis (RNFA) (Voll and Marquardt, 2012) or the process network flux analysis (PNFA)
(Ulonska, Skiborowski, Mitsos and Viell, 2016) can be used for an automated evaluation.

3.3 Recycle structure

In the third step, more details are added to the process. The process is separated into
reaction and separation sections while recycle streams are introduced in the flowsheet.
In general, there exist different reasons for introducing recycle streams. In cases of, e.g.,
equilibrium-limited reactions, the excess of one reactant can be used to shift the reaction
equilibrium into a favorable region, with the excess reactant recycled back from the product
stream. For exothermic reactions, a diluent can be used to reduce the concentration of
the reactants and help to remove the heat of reaction. However, in most cases, the recycle
back to the reactor leads to an increase in capital and operational cost of the subsequent
separation subsystem. Therefore, a trade off between decreasing the cost for reaction
and increasing the cost for separation has to been found. Different reactor networks may
be used, if sets of reactions take place at different conditions (different temperatures or
pressures), or if they require different catalysts. However, additional reactor networks will
increase the investment cost of the process.

For catalytic processes special attention has to be placed on the catalyst which also
should be assessed in this step. Hereby, the selection of a catalyst and the type of im-
mobilization is interlinked, and thus in many cases fixing one decision can mean that the
range of options for the other decision is significantly reduced. With many options avail-
able, there are by definition a very large number of hypothetically possible process options,
which cannot be assessed completely by model-based studies yet (Nørskov, Bligaard, Ross-
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3 Systematic variant generation for catalytic processes

meisl and Christensen, 2009). Although many of these variants can readily be dismissed as
unfeasible, a proper assessment of the various whole process options is important to ensure
that innovative opportunities are not missed. At the start of process development the se-
lection of a catalyst is typically focused on the performance of a range of catalytic options
in small-scale screening tests, preferably in high throughput devices (Senkan, 2001). The
lead options are selected based on a limited range of selection criteria. Hintermair, Fran-
ciò and Leitner (2011) propose three general catalyst selection criteria with the following
priorities:

1. Selectivity

2. Activity and Robustness

3. Availability and Cost

From an industrial perspective, selectivity to the desired product is particularly impor-
tant, as higher selectivity can result in a reduction in waste and downstream processing
requirements. While low catalyst activity may be overcome by optimized reaction condi-
tions or extended contact times (e.g., by recycle of unconverted raw materials), there is
no alternative to maximum selectivity. However, it is important that a broader range of
techno-economic criteria is considered to ensure that the selected catalysts can meet the
overall process requirements. Therefore, activity and robustness as well as availability and
cost of the catalyst should also be considered since they affect the process economics. The
immobilization approach has to be assessed simultaneously since it affects the selectivity,
activity and robustness of the catalyst. Alternative immobilization approaches can be cap-
tured in the form of a decision tree from which viable options may be selected based on
expert knowledge and literature data. An example of such a decision tree for metal-ligand
based catalysts for telomerization reactions is shown in Figure 3.1. This decision tree
captures two levels of detail for immobilization - catalyst phase, and general approach to
immobilization - but further levels of detail could be employed for other types of catalyst
which explores, e.g., the nature of different catalyst supports or the influence of the solvent.
For the design of different catalytic processes different decision trees may be constructed
for other types of catalyst. The viability of the different approaches should be assessed
against the existing experimental and literature data. The result of this step is conse-
quently a first sketch of a flowsheet with a recycle structure as well as a set of promising
catalysts. Since the design of the separation system and the subsequent evaluation of the
flowsheets require profound insight into the reaction behavior, the selected catalysts are
experimentally investigated in the next step.
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Molecular catalyst

Pure
homogeneous

No immobilisation

Physical
separation

Heterogeneous -
liquid

Aqueous / organic

Ionic liquid / 
organic

Fluorous / organic

Heterogeneous -
liquid or solid

PEG / organic

Heterogeneous -
solid

Covalently bound

Ionically bound

Encapsulated / 
physically bound

Supported ionic 
liquid phase 

(SILP)

Level 1:
catalyst phase

Level 2:
general

immobilization
approach

Figure 3.1: Decision tree for immobilization of molecular metal-ligand based catalysts.

3.4 Model-based kinetic investigation

For catalytic processes, the cost for the catalyst is often a major factor of the operational
cost. Therefore, special attention has to be paid to determine the optimal reaction condi-
tions and especially the optimal catalyst loading. Model-based conceptual design methods
can be used to identify the optimal operating point of a process if reaction kinetic models
are available (cf. Section 2.2). Coupled cluster theory and density functional theory re-
cieve increasing interest for the estimation of rate constants for individual reaction steps
(see, e.g., Metcalfe, Simmie and Curran, 2010, Freund and Sundmacher, 2011a). However,
model-based kinetic investigations of catalytic reactions constitute still an essential part of
fundamental mechanistic studies (Blackmond, 2005, Marquardt, 2005). Such studies not
only provide insight regarding the evolution of the concentration of the reactants, but also
allow for a better understanding of the reaction mechanism and for the determination of
reaction rate and equilibrium constants. However, the analysis of experimental data in
multi-step catalytic reactions is often complicated due to the complexity of the reaction
rate law; therefore, simplified reaction kinetic models are often desired to represent concen-
tration data. For such complex reaction systems, dynamic parameter estimation problems
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are often formulated to estimate the unknown parameters in the rate models (Bard, 1974).
The structure of the reaction kinetic model embedded in this parameter estimation prob-
lem is postulated using a priori knowledge on possible reaction mechanisms. The model
is fitted to experimental data by adjusting the unknown model parameters such that the
deviation between the concentrations predicted by the model and the measured concen-
tration data is minimized. This so-called simultaneous model identification is capable to
handle reaction systems of arbitrary complexity. However, if an incorrect model structure
is assumed (i.e., if some of the kinetic laws are structurally wrong), an erroneous overall
model prediction is obtained and the model error might be difficult to attribute to a par-
ticular model-part. To overcome these well known problems, Marquardt and co-workers
suggested an alternative methodology, the so-called incremental model identification (IMI
for short), which decomposes the model identification problem into a sequence of prop-
erly chosen steps (see Mhamdi and Marquardt (2013) or Marquardt (2013) for a tutorial
overview). For catalytic reactions, the particular stepwise problem decomposition strategy
proposed by Brendel, Bonvin and Marquardt (2006) can be adapted as follows to allow an
analysis of the underlying catalytic reaction mechanism:

In a first step, the time-variant reaction fluxes for the various species are estimated from
the noisy experimental concentration data. While the reaction flux is often estimated by
simple finite difference approximations from concentration data measured at adjacent sam-
pling points (Blackmond, 2005), the ill-posedness of this inverse problem and the resulting
amplification of the errors present in the concentration data is well-known (Tikhonov and
Arsenin, 1977). Special care has to be taken, in particular, if only a limited number of
error-prone data points are available in each of the experiments. In this work, we employ a
filter-based approach (Tikhonov and Arsenin, 1977) to estimate the reaction fluxes, which
successfully controls the amplification of the measurement errors in the concentration data
(Mhamdi and Marquardt, 1999). The individual reaction rates are then calculated from
the estimated reaction fluxes using the generalized inverse of the stoichiometry matrix.
Subsequently, the reaction rates and the concentration data are correlated by nonlinear re-
gression using a set of candidate reaction rate model structures. The most suitable model
structure is selected in a subsequent step from the list of candidates ranked by means
of Akaike weights (Burnham and Anderson, 2002), and graphically evaluated by reaction
progress kinetic analysis (Blackmond, 2005). The value of the Akaike weights hereby cor-
respond to the probability that one model is the best from a set of models. In a second
step, a parameter estimation problem is set up and solved for the most promising model
structure identified in the previous step. This way, statistically sound parameter values
and their corresponding confidence intervals can be obtained. Throughout this analysis,
profound insight can be accumulated which can be used to elucidate a possible underlying
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reaction mechanism. Furthermore, the insight can be used in the next step to facilitate
the design of a suitable separation system.

3.5 Separation system

Based on the insight into the reaction behavior gained in the previous step, the separation
system is subsequently designed. To determine the general structure of the separation
system, Douglas (1988) considers in the first instance the phase of the reactor effluent
stream. For vapor-liquid reactions he proposes three possibilities:

• If the reactor effluent is a liquid, only a liquid separation system is needed. Possible
separation units are distillation, extraction, or adsorption columns.

• If the reactor effluent is a two-phase mixture, the reactor can be used as a phase
splitter. The liquid is sent to a liquid separation system and the vapor usually to a
vapor recovery system. However, if the rector effluent stream contains only a small
amount of vapor, the stream is directly sent to a liquid separation system.

• If the reactor effluent is all vapor, it is cooled to cooling water temperature to achieve
a phase split or to completely condense the stream. The condensed liquid is sent to
a liquid recovery system, and the vapor is sent to a vapor recovery system.

Afterwards, the recycle structure can be revised based on the insight gained in the previous
step and, e.g., knowledge-based approaches can be used to design the individual liquid
separation (Barnicki and Fair, 1990) and/or vapor recovery systems (Barnicki and Fair,
1992). For processes with complex reaction networks and/or strongly non-ideal phase
behavior the integration of the concept of elementary process functions (cf. Section 1.1.3)
into the design procedure can also help to identify innovative process concepts (Freund
and Sundmacher, 2011a;b;c;d, Sundmacher, 2015).

For homogeneous catalytic systems, special attention has to be paid to the separation
of the catalyst from the reaction product and any reaction solvent. This problem arises
because the most common separation method, distillation, requires elevated temperatures
unless the product is very volatile. Most homogeneous catalysts are thermally sensitive,
usually decomposing below 150 ◦C. The thermal stress caused by product distillation even
at reduced pressure will therefore decompose the often expensive catalyst. A number of
innovative solutions to the problem of separation of catalyst from products in homogeneous
catalytic processes have been proposed by Cole-Hamilton (2003). The question of which of
these solutions should be included into the flowsheet has once more to be assessed against
the existing experimental and literature data.
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3.6 Conclusions

The framework presented in Chapter 2 allows, in principle, the systematic design of gen-
eral chemical processes. The central challenge of the framework is the variant generation,
since this step still requires expert knowledge and experience and as such the approach is
not completely systematic. Heuristics systematically decompose the complex design task
into a number of smaller problems. However, to the author’s knowledge no heuristic for
the design of catalytic processes has been proposed in literature yet. To allow the design
of a catalytic telomerization process in Chapter 4, a procedure for the variant generation
for catalytic telomerization processes is presented in this chapter. This systematic pro-
cedure follows the key steps of the heuristic proposed by Douglas (1988) but is extended
towards the decisions related to the catalyst where necessary for the telomerization reac-
tion. Furthermore, an additional step is added (cf. Section 3.4) to integrate laboratory
experiments into the procedure. Integrating experiments with conceptual process design
can give guidance of economical attractive catalysts and a range of economic reaction con-
ditions and consequently help to design better processes. The result of this procedure
is a set of alternative flowsheet variants which can subsequently be evaluated using the
shortcut evaluation and rigorous optimization procedure presented in Sections 2.2 and 2.3.
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telomerization process

Most chemical products can be obtained from a limited range of basic chemicals, which are
mainly produced by large-scale petrochemical processes. Amongst these basic chemicals,
1-octene is an important representative, serving as intermediate in the production of a
broad range of end products. Apart from its most common application in the production
of linear low density polyethylene, it also functions as a precursor for plasticizer alco-
hols, corrosion inhibitors, solvents, and nonvolatile herbicides (Jackstell, Gómez Andreu,
Frisch, Selvakumar, Zapf, Klein, Spannenberg, Röttger, Briel, Karch and Beller, 2002).
The production by traditional synthesis routes, such as Fischer-Tropsch synthesis or the
oligomerization of ethylene, covers most of the worldwide demand of 1-octene. However,
both synthesis routes require expensive workup to fulfill the high purity demands of the
following processing steps. This is due to the broad product spectrum of both processes,
resulting from the unselective nature of the reactions. In contrast, the patented reaction
cascade shown in Figure 4.1 including the telomerization of butadiene with methanol allows
the production of 1-octene with high selectivity (Bohley, Jacobsen, Pelt, Schaart, Schenk
and van Oeffelen, 1992).

In the first step, the telomerization of 1,3-butadiene with methanol (MeOH) produces
the telomer 1-methoxy-2,7-octadiene (1-MODE) with high chemoselectivity (Behr, Becker,
Beckmann, Johnen, Leschinski and Reyer, 2009). In the following reaction, the telomer
is completely hydrogenated to the respective 1-methoxyoctane. Finally, pure 1-octene is
obtained by thermal cracking of 1-methoxyoctane followed by distillation to remove the
by-product methanol (Krissmann, Roettger, Borgmann, Kaemper, Nierlich, Kaizik, Knip-
penberg and Malzkorn, 2008). Another major advantage of this reaction cascade, besides
the high chemoselectivity, is the possible utilization of a C4-stream from naphtha crackers
as cheap and easily available butadiene source (Bohley et al., 1992). However, only one
industrial application of this production route to 1-octene is known, an industrial scale
plant run by Dow Chemicals (Tschan, Launay, Hagen, Benet-Buchholz and van Leeuwen,
2011). The process came on stream in Tarragona 2007 and its key step is the homoge-
neously catalyzed butadiene telomerization. The established homogenous catalyst is based
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2 + MeOH

MeO

MeO

+ MeOH

Ni, H2

T

Pd

Figure 4.1: Reaction steps of 1-octene production.

on palladium (Pd) modified with a triphenylphosphine (TPP) ligand (Jacobsen, Pelt and
Schaart, 1991). The bottleneck of this process is the high cost for catalyst regeneration,
since the catalyst is inactive at the end of the reaction and has to be reactivated before
recycling.

To assess the economic viability of this reaction route for replacing classical processes for
the production of 1-octene, such as Fischer-Tropsch synthesis and the oligomerization of
ethylene, a conceptual design study is performed in this chapter. Since the cost for catalyst
dominate the operating cost for the industrial process, the choice of catalyst is explicitly
considered in this design study. Therefore, in Section 4.1 promising flowsheet variants
are generated utilizing the heuristic procedure presented in Chapter 3. These alternatives
are consequently evaluated by means of shortcut calculations (Section 4.2) and rigorous
optimization (Section 4.3) using the procedures presented in Chapter 2. In Section 4.4,
we summarize first results on pilot plant experiments for a novel butadiene telomerization
process before we close with a summary and conclusions of the design study in Section 4.5.

4.1 Variant generation

The reaction cascade relying on the telomerization of butadiene with methanol allows
the production of 1-octene with high selectivity and has the potential to replace clas-
sical processes for the production of 1-octene, such as Fischer Tropsch synthesis and the
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oligomerization of ethylene. However, the challenge is to identify which process options are
likely to be viable on an industrial scale based only on limited amounts of lab experiments
and literature data. Using the heuristic approach described in Chapter 3, in the following
alternative flowsheet variants for a telomerization process are generated.

4.1.1 Batch vs. continuous

At first, the decision to be made is whether to design a continuous or a batch process.
For the butadiene telomerization process, the desired product capacity is 25 mol/s which
corresponds to 100, 000 t/a. Consequently, the large volume of the processed materials
suggests the use of a continuous process.

4.1.2 Input/output structure

At this second step, the input/output structure of the flowsheet is specified and the eco-
nomic potential of the process based on the reaction stoichiometry is assessed. As men-
tioned in Section 3.2, the input/output structure includes only reactants, products and
byproducts. Figure 4.2 shows the input-output flow diagram of the butadiene telomeriza-
tion process. Since the reaction cascade relying on the telomerization of butadiene allows
the utilization of crude C4 from naphtha crackers as cheap and easily available butadiene
source (Bohley et al., 1992), a crude C4-stream is chosen as process input. Its composition
is listed in Table 4.1. The second input to the process is a stream containing the sec-
ond reactant MeOH. Outputs are a raffinate-I stream (the C4-cut without the converted
butadiene), the desired product 1-MODE and possible by-products.

telomerization process 

crude C4 

MeOH 

raffinate-I 

1-MODE 

by-product(s) 

Figure 4.2: Input/output structure of the butadiene telomerization process.

Table 4.1: Composition of the crude C4-stream in mole fractions.

xisobutane xisobutene xn−butene xbutadiene xn−butane
0.03 0.25 0.20 0.45 0.07

Table 4.2 summarizes the cost factors for the first economic assessment. This assessment
does not include the cost for catalyst, since this cost factor is not assessable based on the
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reaction stoichiometry. The economic potential of the butadiene telomerization process
following the reaction scheme shown in Figure 4.1 is Φ = 30 · 106 $/a. The largest portion
of the production cost is due to MeOH, since the crude C4-stream from a steam cracker
is a cheap butadiene source. However, MeOH is recovered in the thermal cracking step of
the reaction cascade (cf. Figure 4.1) and does therefore not affect the cost for 1-octene.
Assuming a recovery rate for MeOH of 90%, an evaluation of this reaction cascade results
in an economic potential of Φ = 42 · 106 $/a for a 1-octene production process. This
suggests that this reaction cascade is an economic attractive route for 1-octene production
and that the input/output structure displayed in Figure 4.2 should consequently be further
investigated.

Table 4.2: Cost factors for economic potential.

CMeOH 21 $/kmol
CcrudeC4

6 $/kmol
C1−MODE 68 $/kmol
1-MODE capacity 25 mol/s
annual operation time 8000 h

4.1.3 Recycle structure

After the economic potential of the process has been assessed in the previous step, at this
third step more details are added to the process by selecting a suitable catalyst and an
immobilization strategy and by introducing recycle streams in a first flowsheet. In the
case of the telomerization reaction, two possible catalysts have been identified. One is
based on Pd modified with TPP and already used in the industrially process patented by
Dow (Bohley et al., 1992). The other catalyst is based on Pd modified with 1,3-dimesityl-
imidazol-2-ylidene (IMes) (Jackstell et al., 2002). This monocarbene-palladium complex is
more selective than the standard Pd/TPP catalyst and can, in principle, be continuously
separated and recycled since it remains active at the end of the reaction (Roettger, Beller,
Jackstell, Klein and Wiese, 2002).

Based on literature data (Jackstell et al., 2002, Clement, Routaboul, Grotevendt, Jack-
stell and Beller, 2008, Hausoul, Parvulescu, Lutz, Spek, Bruijnincx, Weckhuysen and
Klein Gebbink, 2010, Völkl et al., 2015) the key variables for catalyst selection proposed
by Hintermair et al. (2011) (cf. Section 3.3) have been assessed. This analysis is pre-
sented in Table 4.3. As a result of this analysis, Pd/IMes appears to offer a better overall
performance profile, especially if the impact of the higher selectivity to 1-MODE on the
whole process is considered. The disadvantages, however, are the higher cost and the lack
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of commercial availability of the new Pd/IMes catalyst. At this stage, therefore, neither
catalyst can be unequivocally ruled out.

Table 4.3: Assessment of viable catalyst options for butadiene telomerization.

Criteria Pd/TPP Pd/IMes

Selectivity 84.5% to product 1-MODE,
93% to 1-MODE & by-product
3-methoxy-1,7-octadiene (3-
MODE) combined.

≥ 97.5% to 1-MODE, ≥ 99 % to
1- & 3-MODE combined.

Activity Higher initial activity than
Pd/IMes, but reaction does not
reach complete conversion.

Lower initial activity, but activity
maintained to full conversion.

Robustness Catalyst degradation apparently
faster than for Pd/IMes.

Lower level of catalyst degra-
dation under standard operating
conditions.

Availability Ligand readily available on indus-
trial scale.

Ligand currently not commer-
cially available on industrial
scale.

Cost TPP ligand significantly cheaper
than IMes ligand.

IMes ligand synthesis more com-
plex than TPP ligand, cost likely
to be higher.

Alternative immobilization approaches for metal-ligand based catalysts like Pd/TPP
and Pd/IMes have been captured in the form of a decision tree which is shown in Figure
3.1. This decision tree captures two levels of detail for immobilization (catalyst phase, and
general approach to immobilization) to be used to select viable immobilization options
based on expert knowledge and literature data. In the case of butadiene telomerization,
all of the process components are present in a single liquid phase under the standard
reaction conditions, and no solvent is necessary since MeOH serves as solvent. This means
that all of the immobilization approaches listed in Figure 3.1 can at least be considered.
In general, it is known that Pd/TPP and Pd/IMes can be applied successfully to this
reaction in liquid phase (Jackstell et al., 2002, Clement et al., 2008, Hausoul et al., 2010),
but there are no existing reports on the use of solid-phase catalysts. Despite, a recent
assessment of the mechanism of butadiene telomerization (Völkl et al., 2015) suggests that
there is no intrinsic barrier to the use of a solid-phase supported analogue of either Pd/TPP
or Pd/IMes. The impact of different approaches to the immobilization of homogeneous
catalysts on the butadiene telomerization process has been assessed against the existing
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experimental data from literature (Jackstell et al., 2002, Clement et al., 2008, Hausoul et al.,
2010, Völkl et al., 2015), with the results being summarized in Table 4.4. The viability of
the different approaches is scored using a simple High/Medium/Low scale. This analysis
indicates that the liquid phase approach without immobilization has the highest level of
viability, based on existing data. The biphasic ionic liquid-organic system would introduce
a number of complexities into the process, notably some degree of ligand modification
to ensure that no catalyst leaching occurs, and identification of an ionic liquid that is
compatible with the overall process. Thus, it is ranked with low viability. Finally, two
further approaches involving solid-phase supported catalysts could be viable, but would
require additional experimental tests to assess the impact of solid-phase catalysts on the
reaction performance, as such data is currently not available.

The resulting block diagrams for the most viable Pd/TPP and Pd/IMes processes are
displayed in Figure 4.3. Both block diagrams include the possibility to recycle unconverted
butadiene and MeOH. For the PD/IMes catalyst, the diagram also includes a possible
catalyst recycle which requires the recovery of the catalyst in the separation system. Due
to catalyst deactivation, the Pd/TPP catalyst has to be recovered at the end of the process
and reactivated in a separate batch process. It prevents the continuous recycle of the
catalyst. This step is not included in the flowsheet but in the cost for this catalyst.

Table 4.4: Immobilization options considered for butadiene telomerization.

Phase Immobilization Comments Viability

Liquid None Downstream separation of spent catalyst
- current scenario

High

Aqueous / organic
biphasic

Reaction not compatible with water. Low

Ionic liquid / or-
ganic biphasic

Technique previously demonstrated for
butadiene telomerization (Magna, Chau-
vin, Niccolai and Basset, 2003). However,
different ionic liquids have been screened
and tested in laboratory experiments for
Pd/TPP and Pd/IMes and catalyst leach-
ing has been observed (Völkl, Geburtig,
Kiermaier, Wasserscheid and Haumann,
2016). Therefore, ligands may require
modification to ensure full immobilization
of catalyst.

Medium /
Low
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4.1 Variant generation

Fluorous solvent /
organic biphasic

Unproven for large-scale industrial appli-
cations. Ligand will require modifica-
tion to enable immobilization in fluorous
phase.

Low

Liquid /
solid

PEG / organic Unproven for large-scale industrial appli-
cations. Ligand will require modification
to enable PEG immobilization.

Low

Solid Covalently bound Covalently bound TPP ligands are com-
mercially available (e.g. Johnson Matthey
FibreCat R© 1001). Supported IMes ligands
have been reported in literature (Mar-
tinez, Krinsky, Penafiel, Castillon, Lo-
ponov, Lapkin, Godard and Claver, 2015),
but are not available commercially at
present. Impact of solid support on cata-
lyst activity and robustness is not known.

Medium

Ionically bound No known commercially available ionically
bound TPP or IMes ligands. Impact of
solid support on catalyst activity and ro-
bustness is not known.

Low

Encapsulated /
physically bound

Encapsulated Pd catalysts with TPP
ligands are commercially available (e.g.
Reaxa Pd-EnCat TPP30). No encapsu-
lated IMes catalysts are currently com-
mercially available. Impact of encapsula-
tion on catalyst activity and robustness
not known.

Medium

Supported Ionic
Liquid Phase
(SILP)

May be feasible, but most commonly oper-
ated with supercritical fluid mobile phase
which is unlikely to be viable for this pro-
cess.

Low

4.1.4 Model-based kinetic investigation

In cooperation with the Institute of Chemical Reaction Engineering at the University of
Erlangen-Nuremberg a kinetic study for the previously identified homogeneous Pd/TPP
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a) Pd/TPP process 
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b) Pd/IMes process 

Pd/IMes recycle 

Figure 4.3: Recycle structure for the butadiene telomerization process with a) the Pd/TPP
and b) the Pd/IMes catalyst.

and Pd/IMes catalysts was performed. Hereby, the catalysts’ activity with a crude C4 feed
to pure 1,3-butadiene feed was compared. For the Pd/TPP system, the initial reaction
rate was higher for pure 1,3-butadiene compared to crude C4 (cf. Figure 4.4), which is
most likely caused by the dilution effect. In contrast, the conversion for the Pd/IMes
system increased when the crude C4 feed was used instead of pure 1,3-butadiene. Due
to the complexity of this multi-parameter system the exact influence of each individual
component could not be determined independently in experiments. Therefore, a model-
based experimental analysis is applied to further shed light on this complex system.

Pd/TPP catalyst

As mentioned in Section 3.4, the first step of the applied model-based experimental analysis
is the calculation of the individual reaction rates from experimental data. Although the
stoichiometric matrix of the reactions

Pdpre + 2B
R0−−→ Pdact (4.1)
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4.1 Variant generation

Figure 4.4: Exemplary conversion profiles for experiments with pure 1,3-butadiene (solid sym-
bols) and crude C4 (open symbols) catalyzed by Pd/TPP (triangles) and Pd/IMes (squares).
Experimental conditions: 70 ◦C, 15 bar, butadiene : MeOH = 0.5, butadiene : Pd = 40000,
ligand : Pd = 4, butadiene : base = 400. Experimental data are taken from Völkl et al.
(2015).

2B +M+ Pdact
R1−−→ P + Pdact (4.2)

2B + Pdact
R2−−→ D+ Pdact (4.3)

(with B for butadiene, M for methanol, P for the main-product 1-MODE, D for the side-
product 3-MODE, Pdpre for the catalyst precursor and Pdact for the activated catalyst)
is regular (Brendel et al., 2006), the reaction rate R0 for catalyst activation cannot be
deduced from the available measurements due to the following two reasons not covered
by the structural argument ensuring identifiability: (i) the catalyst activation occurs in
the first few minutes of the reaction, where only few measured data points are available;
(ii) the influence of this reaction on the 1,3-butadiene concentration is quite low due to
small catalyst concentrations. The experimental errors are dominating the concentration
measurements, such that this reaction rate is not accessible from the data in the suggested
experimental setting. Consequently, it is assumed in the following, that the catalyst has
already been activated at the start of the reaction. Hence, the competition between the
first (Eq. 4.1) and the other two reactions (Eqs. 4.2 and 4.3) for B during the very first
minutes of the reaction is neglected.

Mechanistic cycles reported for similar reactions in literature can serve as a good start-
ing point for deriving kinetic model candidates. For the telomerization reaction consid-
ered here, two different catalytic cycles can be found in literature, the dipalladium-bisally
mechanism (Keim, 1968, Behr, Ilsemann, Keim, Krueger and Tsay, 1986) and the Jolly
mechanism (Jolly, Mynott, Raspel and Schick, 1986). Assuming that the order of each
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4 Systematic design of a butadiene telomerization process

reaction step corresponds strictly to the stoichiometry and the Bodenstein approximation
of quasi-stationary behavior of reaction intermediates, the model structures

R1 = [Pdact]
KDipa

1 [M][B]2

1 +KDipa
2 [M]

, (4.4)

R2 = [Pdact]
KDipa

3 [B]2

1 +KDipa
4 [M]

(4.5)

and

R1 = [Pdact]
KJolly

1 [M][B]2

1 +KJolly
2 [B]2 +KJolly

3 [B]4
, (4.6)

R2 = [Pdact]
KJolly

4 [M][B]2(1 +KJolly
5 [B]2)

1 +KJolly
6 [B]2 +KJolly

7 [B]4
(4.7)

have been derived for the dipalladium-bisally (Equations 4.4 and 4.5) and the Jolly mech-
anism (Equations 4.6 and 4.7) respectively, using the procedure reported by Chern (2000).
These rate equations are mechanistically correct since they do not apply any simplyfing as-
sumptions on the micro-kinetic level. The parameters in these rate equations are complex
nonlinear functions of the reaction rate constants of the elementary reactions postulated
in the reaction mechanism. Both model structures show a first-order dependency of the
reaction rates, R1 for the main and R2 for the side reactions, on the catalyst concentration,
but a more complex dependency on the reactants’ concentrations.

A drawback of such mechanistically motivated model structures is that they are often
not identifiable. The identifiability of a model refers to the question whether the model
parameters of a given model structure can be determined uniquely from the available set of
(perfect) experimental data. The mechanistic models are shown not to be identifiable using
the procedure reported by McLean and McAuley (2012) and the parameter identifiability
test presented by Quaiser and Mönnigmann (2009). Since no additional measurements are
possible, identifiability can only be restored by model reduction. Following the procedure
reported by McLean and McAuley (2012) the identifiable reduced models
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4.1 Variant generation

Table 4.5: Results of incremental model identification for Pd/TPP.

rate equations Akaike weights
Jolly mechanism (4.6), (4.7) 0.015
reduced Jolly mechanism (4.10), (4.11) 0.814
dipalladium mechanism (4.4), (4.5) 0.02
reduced dipalladium mechanism (4.8), (4.9) 0.15
empirical (4.12), (4.13) 0.001

R1 = [Pdact]K
Dipa
1 [M][B]2, (4.8)

R2 = [Pdact]K
Dipa
3 [B]2 (4.9)

and

R1 = [Pdact]
KJolly

1 [M][B]2

1 +KJolly
2 [B]2

, (4.10)

R2 = [Pdact]K
Jolly
4 [M][B]2 (4.11)

were derived for the dipalladium (Equations 4.8 and 4.9) and the Jolly mechanism (Equa-
tions 4.10 and 4.11), respectively. These model structures will be used in the subsequent
IMI. For comparison, we also consider the empirical model

R1 = KEmp
1 [Pdact]

KEmp
2 [B]K

Emp
3 [M]K

Emp
4 , (4.12)

R2 = KEmp
5 [Pdact]

KEmp
6 [B]K

Emp
7 [M]K

Emp
8 , (4.13)

where the reaction orders are treated as model parameters. The parameters of this model
can also be shown to be non-identifiable.

Table 4.5 shows the results of the IMI for the Pd/TPP catalyst. The models for the
reduced Jolly and the reduced dipalladium mechanisms result in Akaike weights which
are at least an order of magnitude higher than those of the other three models. Hence,
one of the mechanistically motivated, reduced models will most likely qualify as the best
model in the sense of Akaike’s Information Criterion (AIC). This is consistent with the
finding that only these models are identifiable. The lower Akaike weights of the empirical
and non-reduced models can be explained by the presence of (additional) non-identifiable
parameters.

To allow a graphical inspection by reaction progress kinetic analysis (Blackmond, 2005)
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4 Systematic design of a butadiene telomerization process

of the two favorable models identified by IMI, the rates for the main reactions were normal-
ized to provide new functions, which only depend on one substrate concentration. For the
reduced Jolly mechanism, the rate R1 of the main reaction is normalized by the catalyst
and the methanol concentrations to provide a new function depending only on butadiene
concentration:

R1

[Pdact][M]
=

KJolly
1 [B]2

1 +KJolly
2 [B]2

= f1([B]). (4.14)

Likewise, the rate R1 for the reduced dipalladium mechanism is normalized by the catalyst
concentration and by the square of the butadiene concentration to provide a new function
depending only on the methanol concentration:

R1

[Pdact][B]
2 = KDipa

1 [M] = g1([M]). (4.15)

An evaluation of the model structures’ validity for the reduced Jolly and dipalladium mech-
anisms is possible, if the normalized reaction rates are plotted as a function of butadiene
or methanol, respectively. These plots are shown in Figure 4.5.

The experimental data for experiments with different initial conditions show a much bet-
ter match with the reduced Jolly mechanism at the top than with the reduced dipalladium
mechanism at the bottom. Hence, this graphical analysis confirms the ranking results of
the IMI. Still, the normalized reaction rates do not align completely for the reduced Jolly
mechanism (Figure 4.5, top). The deviations, especially at the beginning of the experi-
ments with crude C4

1, can be explained by the neglected catalyst activation reaction and
by experimental errors (cf. Völkl et al., 2015).

1The reaction progresses from right to left, because reactant concentration decreases over the course of
the reaction.
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4 Systematic design of a butadiene telomerization process

A simultaneous parameter estimation has been performed for the more promising re-
duced Jolly mechanism to obtain statistically sound parameter values and to calculate
their corresponding confidence intervals. The parameter estimation is constrained by a
dynamic model for the batch experiments consisting of the following mass balance equa-
tions:

d[Pdpre]

dt
= −R0 (4.16)

for the Pd-precursor concentration,

d[Pdact]

dt
= R0 (4.17)

for the active catalyst concentration,

d[B]

dt
= −2R1 − 2R2 (4.18)

for the butadiene concentration,

d[M]

dt
= −R1 (4.19)

for the methanol concentration,

d[P]

dt
= R1 (4.20)

for the 1-MODE concentration,

d[D]

dt
= R2 (4.21)

for the dimer concentration and

R0 = K0[Pdpre][B]
2 (4.22)

as rate equation for catalyst activation

R1 = [Pdact]
KJolly

1 [M][B]2

1 +KJolly
2 [B]2

(4.23)

R2 = [Pdact]K
Jolly
4 [M][B]2 (4.24)
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4.1 Variant generation

Table 4.6: Parameter values and confidence intervals for Pd/TPP after simultaneous correc-
tion step.

parameter estimated value 95% confidence interval
K0 0.75 0.23

KJolly
1 66.1 1.6

KJolly
2 0.03 0.002

KJolly
4 3.19 0.3

as rate equations for product formation according to the reduced Jolly mechanism.
The resulting parameter estimates and their confidence intervals are shown in Table 4.6.

The uncertainties represented by the confidence intervals are less than 10% of the nominal
parameter values, except in case of parameter K0. As discussed before, a reliable estimation
of this parameter is difficult, since the reaction rate of the catalyst activation cannot be
suitably accessed by the available measurements. For the main reaction, the model exhibits
second-order dependency in butadiene and first-order in methanol at moderate to low
butadiene concentrations. This is in agreement with the slow reaction progress towards
the end of the reaction, especially for the experiments with crude C4 (cf. Figure 4.6).
At very high butadiene concentrations, the expression KJolly

2 [B]2 is much larger than 1
meaning that the reaction only depends on the methanol concentration in this range of
butadiene concentration. This aligns with the approximately linear butadiene consumption
(zero order dependency) in the first hour of the reaction for all experiments.
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4.1 Variant generation

Pd/IMes catalyst

The systematic identification approach presented above has also been applied to the
Pd/IMes catalyst. Since the amount of side-product is very small in this case, the rate for
the side reaction is set to zero for all model candidates and IMI is performed for the rate
equation of the main reaction only.

Table 4.7 shows the results of the IMI for the Pd/IMes catalyst. Here, the unidentifi-
able, empirical model yields the highest Akaike weight, while the Akaike weights for all
models resulting from mechanistic considerations are at least an order of magnitude lower.
In contrast to the Pd/TPP catalyzed reaction, the penalization of the (additional) non-
identifiable parameters of the empirical model is more than compensated by the better
match with the experimental data. This is consistent with graphical findings from reac-
tion progress kinetic analysis (Blackmond, 2005) shown in Figure 4.7, which reveals that
neither the normalized reaction rates for the reduced Jolly mechanism nor for the reduced
dipalladium mechanism fall on top of each other. It consequently can be concluded that
the reaction with the Pd/IMes catalyst does not follow the kinetic mechanism observed
for Pd/TPP. Therefore, a completely different dependency on the concentrations of the
involved components has been derived and studied in further experiments.

By variation of the base concentration, a strong influence on the reaction rate was
observed resembling a first-order dependency in the base concentration. This strong in-
fluence was already discussed in the literature (Tschan, Garcia-Suarez, Freixa, Launay,
Hagen, Benet-Buchholz and van Leeuwen, 2010). In contrast, a change of the butadiene
concentration did not show an effect on the reaction rate meaning that the telomerization
reaction with the Pd/IMes catalyst is of zeroth order in the butadiene concentration. For
the methanol variation, the observed behavior was completely different. The reaction rate
decreased with increasing methanol, meaning that methanol shows a negative effect on
the telomerization reaction. One possible reason for this might be that the nucleophilicity
of the base changes with changing methanol concentration. The methoxide anion of the
base will possibly be a much better nucleophile at lower concentration of the protic solvent
methanol. An alternative is that there is an equilibrium between bound methoxide and

Table 4.7: Results of incremental model identification for Pd/IMes.

rate equation Akaike weights
Jolly mechanism (4.6) 0.019
reduced Jolly mechanism (4.10) 0.054
dipalladium mechanism (4.4) ≤ 0.001
reduced dipalladium mechanism (4.8) ≤ 0.001
empirical (4.12) 0.926
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4 Systematic design of a butadiene telomerization process

bound methanol, either through displacement of bound methoxide by methanol or by pro-
tonation of bound methoxide by methanol (these are kinetically indistinguishable). If only
the methoxide complex can carry the mechanistic cycle, this would also give a first-order
dependency on base and a dependency on methanol of order -1.

The utilized model-based experimental analysis strategy does not allow to consider re-
action steps which occur outside the catalytic cycle. Thus, the aspects and dependencies
worked out in the experiments have to be incorporated directly into the catalytic cycle.
Based on the experimental data, it is concluded that the Pd/IMes catalyst requires the
presence of the base to proceed the reaction. The bound methoxy is not strong enough to
attack the allyl-group in an intramolecular fashion, but rather activates this part of the
carbon chain for intermolecular attack by another methoxide under release of the bound
methoxide. Thus, without a strong base, the reaction would stop at this point. In addition,
methanol was shown to have a negative influence. To account for this, we considered the
nucleophilicity of the base to be represented in the adapted mechanism as a function of
the protic methanol (cf. Figure 4.8).

With this formal modification of the Jolly mechanism, a kinetic model could be derived
applying the procedure described by Chern (2000) and assuming all reactions except the
product release to be reversible. The resulting rate equations

R1 = [Pdact]
KadJolly

1 [B]2[KO]

1 +KadJolly
2 [B]2[M][KO] +KadJolly

3 [B]2[KO] +KadJolly
4 [B]2[M]

+KadJolly
5 [B]2 +KadJolly

6 [KO]

(4.25)

for the adapted Jolly mechanism and the reduced, identifiable model

R1 = [Pdact]
KadJolly

1 [B]2[KO]

1 +KadJolly
4 [B]2[M] +KadJolly

6 [KO]
(4.26)

incorporate the dependency on the base concentration [KO]. They are subsequently utilized
for an additional IMI.

Table 4.8 shows the results of IMI for the Pd/IMes catalyst with the models derived from
the adapted Jolly mechanism. Based on the Akaike weights, the new derived models out-
perform the empirical model. This once more encourages the derivation of mechanistically
motivated models for catalytic reactions. The reduced model derived from the adapted
Jolly mechanism, the parameters of which are all identifiable, shows the highest Akaike
weight. A graphical analysis by reaction progress analysis for this rate equation is not
possible, since the reaction rates cannot be normalized to result in a function depending
only on one reactant concentration. This fact underlines the advantages of the analytical
approach of IMI over the graphical approach followed by reaction progress analysis.
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4 Systematic design of a butadiene telomerization process

Table 4.8: Results of incremental model identification for Pd/IMes with models derived from
the adapted mechanism.

rate equation Akaike weights
Jolly mechanism (4.6) < 0.001
reduced Jolly mechanism (4.10) < 0.001
dipalladium mechanism (4.4) < 0.001
reduced dipalladium mechanism (4.9) < 0.001
empirical (4.12) 0.001
adapted Jolly mechnism (4.25) 0.048
reduced adapted Jolly mechanism (4.26) 0.951

Again, a simultaneous parameter estimation with the dynamic model for the batch
experiments presented above is executed with the following rate equations for the reduced
model derived from the adapted Jolly mechanism:

R0 = K0[B]2[Pdpre], (4.27)

R1 = [Pdact]
KadJolly

1 [B]2[KO]

1 +KadJolly
4 [B]2[M ] +KadJolly

6 [KO]
. (4.28)

The confidence intervals of the estimated parameters are shown in Table 4.9 together with
their nominal values. The confidence intervals are once more less than 10% of the nominal
value, except for K0 as expected according to the analysis above. At high to moderate
butadiene concentrations, the model gives a zero-order dependency in butadiene, a first-
order dependency in base and a negative influence of methanol (cf. Figure 4.9). Only at
very high base concentrations, the reaction is independent of the base concentration. At
the end of the reaction, when the butadiene concentration is low, the Pd/IMes catalyzed
telomerization is of second-order in butadiene. It has to be noted that the model does
not fully align with the experimental data which reveals that the heuristic modification
of the Jolly mechanism is not sufficient to describe all effects of the base. However, no
mechanistically modified mechanism showed a better result in further studies.
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4.1 Variant generation

Figure 4.8: Adapted Jolly mechanism for the Pd/IMes catalyst.

Table 4.9: Parameter values and confidence intervals for Pd/IMes after simultaneous correc-
tion step.

parameter estimated value 95% confidence interval
K0 620 > 1000

KadJolly
1 50.3e6 41e4

KadJolly
4 19.3 1.6

KadJolly
6 3417 292
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4.1 Variant generation

4.1.5 Separation system

Having carried out an assessment of the kinetic behavior of the two identified catalysts,
at this step the recycle structure is revisited and the separation system of the process
is designed. Figure 4.10 shows a flowsheet for the telomerization process catalyzed by
Pd/TPP which is based on the Dow process as described by Krissmann et al. (2008).
Hereby, crude C4, MeOH and the Pd/TPP catalyst (streams 1-3) are mixed with the
recyles (streams 13 and 17) and fed to the reactor (stream 4). The reactor effluent (stream
5) is fed to a distillation column which separates the C4/MeOH-mixture (stream 7) from
the telomers (stream 6). The telomers are consequently separated into a 1-MODE rich
stream (stream 9) and a stream containing the by-product 3-MODE (stream 8). Since an
excess of butadiene can be used to increase the reaction rate especially at the end of the
reaction (cf. Section 4.1.4), a butadiene recovery system is included in the flowsheet. Due
to the azeotropic behaviour of the C4 cut, separation by simple distillation is not possible.
Therefore, the C4/MeOH mixture (stream 7) is passed to an extractive distillation column.
As suggested by Kroper, Weitz and Wagner (1962), N-methylpyrrolidone (NMP) is used as
entrainer to separate the 1,3-butadiene from the remaining C4/MeOH-mixture (stream 11).
A distillation column is used to separate NMP (stream 12) and 1,3-butadiene (stream 13),
which is recycled to the reactor. Subsequently, a further extractive distillation column is
used to allow the recovery of potential excess MeOH, which also can be used to increase the
reaction rate. The remaining C4 cut (raffinate-I) leaves the process (stream 15). Water
is used as entrainer for this separation as suggested by Krissmann et al. (2008). It is
recovered in a last distillation column and purified MeOH (stream 17) is recycled to the
reactor.

The main problem of the Pd/TPP process is the catalyst degradation which leads to
high cost for catalyst and separation of the unconverted reactants. Therefore, a different
catalyst based on Pd modified with IMes has been identified as alternative option. Figure
4.11 shows a process tailored for the Pd/IMes catalyst. Hereby, crude C4, the Pd/IMes
catalyst, and the necessary base (streams 1-3) are mixed with the recycles (streams 8 and
14) and fed to the reactor (stream 5). Since an excess of MeOH would lead to a decrease
of the reaction rate (cf. Section 4.1.4), the recycle structure for this process is revisited.
The MeOH recycle is removed from the flowsheet since an excess of MeOH would decrease
the catalyst activity and consequently increase the operating cost of the Pd/IMes process.
Furthermore, the MeOH feed is not mixed with the other reagents, but fed to the reactor
by sidestreams (stream 4). The Pd/IMes catalyst remains active at the end of the reaction.
Therefore, it is possible to use the high molecular weight of the catalyst to retain it with
a nanofiltration membrane while permeating the resting mobile phase. Consequently, a
membrane module is inserted in the Pd/IMes process to partly recover and recycle the
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Figure 4.10: Flowsheet for Pd/TPP process.

catalyst (stream 8). The permeate (stream 7) is fed to a distillation column which separates
the C4 cut (stream 10) from the product 1-MODE and the remaining catalyst (stream 9).
Due to the higher selectivity of the catalyst, no further purification is necessary. Similar
to the Pd/TPP process, the C4 cut is passed to an extractive distillation column, where
NMP is used as entrainer to recover an 1,3-butadiene excess from the remaining raffinate-I
(stream 12). Subsequently, a distillation column is used to recover NMP (stream 13) from
1,3-butadiene (stream 14), which is recycled to the reactor.

1 3

4

5 6
7

8

9

10

11

12

13

14

Figure 4.11: Flowsheet for Pd/IMes process.
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4.2 Optimization with shortcut models

After designing flowsheet candidates for a Pd/TPP and a Pd/IMes process, these flowsheets
are consequently economically evaluated with the help of shortcut models in this step.
The iterative procedure described in Section 2.2 is employed to allow the evaluation of
the flowsheet candidates with low computational effort. The optimal operating point
of the process variant is found by minimizing the economic objective function COp =

CRaw +CCat +CSep with the additional cost factors and process constraints given in Table
4.10. The objective function reflects the operational cost of the process and consists of the
cost of raw material loss, CRaw, the cost of catalyst, CCat, and the energy cost for separation,
CSep. For the evaluation of both alternatives, the reaction kinetic models derived in Section
4.1.4 are utilized while the VLE is modeled using UNIFAC with parameters taken from the
ASPEN R© APV73 database. For the Pd/IMes process, the membrane module is modeled
as a splitter. The split factors for the retentate are set to 90% for the catalyst and 10%

for the remaining stream. These split factors could be achieved in laboratory experiments
for a single membrane and it is supposed that a membrane cascade can even exceed these
ratios (Maschmeyer, 2014).

Table 4.10: Additional cost factors and process constraints for economic evaluation.

CPd/TPP 600 $/mol
CPd/IMes 6000 $/mol
CBase 23 $/mol
CSteam 28 $/MWh
reactor residence time ≤ 10 h
raffinate-I purity ≤ 5mol% water
raffinate-I purity ≤ 1mol% MeOH
1-MODE purity ≥ 99%

The optimization results obtained by utilization of the iterative shortcut evaluation
methodology described in Section 2.2 are shown in Table 4.11. For the Pd/TPP process,
only 17% of the 1,3-butadiene fed to the reactor is converted at the optimal operating
point (cf. Table 4.12). Additionally, MeOH is fed to the reactor in a MeOH to 1,3-
butadiene ratio of 1.4 to further increase the catalyst activity. This leads to high separation
cost to recover the unconverted raw material, but results in a turnover number (TON)
for the Pd/TPP catalyst of 5.3 · 105. However, the high separation cost to recover the
unconverted 1,3-butadiene and MeOH as well as the high cost for catalyst are restricting
the process economics. For the Pd/IMes process, the 1,3-butadiene conversion is increased
by 12% to 29% compared to the Pd/TPP process (cf. Table 4.13). This leads to lower
cost for separation as less unconverted raw material has to be recycled. As mentioned
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4 Systematic design of a butadiene telomerization process

before, MeOH is fed to the reactor stoichiometrically. This further reduces the cost for
separation and leads to a simpler distillation sequence since no unconverted MeOH needs
to be recycled. Compared to the Pd/TPP system, the TON of the Pd/IMes catalyst is
significantly increased by the catalyst recycle, with a calculated value of 4.7 · 106. All in
all, the Pd/IMes process shows a reduction of more than 75% operational cost compared
to the Pd/TPP process. Considering the economic potential for a 1-octene production
process of Φ = 42 · 106 $/a calculated in Section 4.1.2, the low operational cost of the
Pd/IMes process of COp = 4.0 · 106 $/a shows the potential of this process.

Table 4.11: Results of shortcut evaluation for the Pd/TPP and the Pd/IMes processes.

CRaw [106$/a] CCat [10
6$/a] CSep [106$/a] COp [106$/a]

Pd/TPP process 0.6 8.1 8.0 16.7
Pd/IMes process 0 1.6 2.4 4.0
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4.3 Optimization with rigorous models

4.3 Optimization with rigorous models

The results of the shortcut evaluation have shown that the Pd/IMes process significantly
outperforms the Pd/TPP process in terms of operating cost. Consequently, the Pd/IMes
process should be optimized with rigorous models to get more precise cost information. In
order to accurately describe the highly non-ideal separation characteristics of membranes, a
complex mass-transfer model is required (Melin and Rautenbach, 2007). The identification
of such a model is, to date, only possible by postulating a specific model structure and
identifying parameters from time-consuming experiments (Lutze and Gorak, 2013). Since
such a membrane model is currently not available for the Pd/IMes separation, only the
column sequence is optimized following the models and procedure presented in Section 2.3.
This way, the feasibility of the splits is checked and more precise cost information for the
columns are obtained at this stage of the process design.

C1

C2

C3

Figure 4.12: Column sequence for Pd/IMes process.

The results for the rigorous optimization of the column sequence superstructure displayed
in Figure 4.12 are shown in Table 4.14. For this calculation, the feed to the column
sequence has been set to the value obtained by the shortcut evaluation (cf. Table 4.13).
Since the TAC include the investment cost for the columns, the operating cost is slightly
increased compared to the results for the shortcut evaluation. Nevertheless, the results are
within reasonable limits and all splits are feasible. Therefore, it can be concluded that the
Pd/IMes catalyzed process outperforms the Pd/TPP process in terms of TAC and should
be further investigated in pilot-scale experiments.
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4 Systematic design of a butadiene telomerization process

Table 4.14: Detailed column configurations for Pd/IMes process

column 1 column 2 column 3
TAC [106$/a] 0.5 1.5 1.7
operating cost [106$/a] 0.4 1.2 1.5
investment cost [106$/a] 0.1 0.3 0.2
reboiler duty [MW ] 1.8 5.3 6.9
condenser duty [MW ] 1.9 0.9 1.2
number of trays 9 73 3
fresh feed tray 7 49 3
entrainer feed tray - 1 -
entrainer / fresh feed ratio - 1.9 -
diameter [m] 3.2 2.3 2.3

4.4 Pilot plant experiments

Within the EU project SYNLFOW 2, a long-term pilot plant experiment for the Pd/IMes
process was performed at Evonik Industries (Maschmeyer, 2014). They observed that the
initial catalyst loading was deminishing by more than 90% within 1000 h process time.
Since the membrane showed a good retention of the catalyst in previous experiments (cf.
Section 4.1.5) they concluded that the catalyst precipitated during the experiment. There-
fore, the Pd/IMes process without immobilization but with downstream separation of the
catalyst by a membrane is not stable. Consequently, different immobilization approaches
for the catalyst have to be investigated in order to design an economic attractive and stable
butadiene telomerization process.

The use of ionic liquids as catalyst immobilization phase in telomerization reactions
has already been reported by Magna et al. (2003). However, the catalyst recycling of
the homogeneous catalyst by the use of ionic liquids is complicated significantly since the
MeOH acts as strong phase-transfer agent. Consequently, the application of a biphasic
reaction system for catalyst immobilization requires the appropriate choice of the ionic
liquid. Völkl et al. (2016) conducted an in silico screening of 960 different ionic liquids
with COSMO-RS (Klamt and Eckert, 2000). However, Pd/TPP as well as Pd/IMes showed
only poor immobilization efficiencies in the experiments with the selected ionic liquids. The
determined leaching was in the range of up to 50% of the initial Pd content. However,
Völkl et al. (2016) showed that for the threefold sulfonated derivative of the TPP ligand
(TPPTS) the leaching of the Pd catalyst could be lowered by a factor of four. Despite
its lower activity, the Pd/TPPTS catalyst turned out to be stable for more than 200 h in
continuous experiments. The measured Pd-leaching was found to be only between 20 and

2http://www.synflow.eu
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4.5 Conclusions

200 ppm h−1 of the initial Pd content which corresponds to an amount of less than 3 ppm

Pd in the exit stream. A threefold sulfonated derivative of the IMes ligand (IMesTS) might
combine the better reaction performance of Pd/IMes with the high immobilization stability
of Pd/TPPTS. It should therefore be synthesized and tested in laboratory experiments to
investigate its potential for a butadiene telomerization process.

4.5 Conclusions

The telomerization of 1,3-butadiene with methanol is the key step of the commercial route
developed by Dow Chemicals to produce 1-octene. The main problem of the commercially
used process is the catalyst degradation which leads to high cost for catalyst and separa-
tion. In this chapter, a conceptual design study for a butadiene telomerization process is
presented. In this design study, the heuristic variant generation methodology presented
in Chapter 3 and the optimization-based evaluation methods presented in Chapter 2 are
combined. Therefore, the - often neglected - impact of the catalyst selection on the process
economics can be assessed.

Within the study, laboratory experiments are integrated to facilitate the process design.
The thorough model identification procedure employed in this study also demonstrates
that the derivation of mechanistically motivated models for catalytic reactions should be
preferred over blindly relying on postulated empirical models. Furthermore, this study
shows that kinetic reaction progress analysis is a valuable tool, but is clearly limited in
case of complex reaction mechanisms. Still, it can be a valuable tool also in these cases
if it is combined with thorough model identification methodologies. In this sense, the
procedures for elucidating mechanisms in complex chemical reactions and reaction kinetic
modeling described in this work are of a more general nature and should be considered to
better understand and optimize other catalytic reaction systems.

As a result of the design study, a novel process is designed and evaluated. This ho-
mogeneously catalyzed Pd/IMes process significantly outperforms the process with the
commercially used Pd/TPP catalyst in terms of raw material and catalyst cost, as well as
energy demand for separation. The operational cost for this process are more than 75%

lower compared to the commercially used process. However, this process showed to be not
stable in pilot plant experiments due to catalyst precipitation. Consequently, alternative
immobilization strategies should be investigated in future work.
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4 Systematic design of a butadiene telomerization process

First laboratory experiments have shown that a threefold sulfonated derivative of the
Pd/TPP catalyst could be run stable for more than 200 h. If a threefold sulfonated deriva-
tive of the Pd/IMes catalyst shows the same low leaching a novel Pd/IMesTS catalyzed
process might have the potential to replace classical processes for the production of 1-
octene, such as Fischer Tropsch-synthesis or the oligomerization of ethylene, and should
be further investigated.
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5 Conclusions and final thoughts

In industrial practice, conceptual process design is typically conducted by repetitive simu-
lation studies, which require detailed design specifications in an early design phase. Guided
by heuristics, these iterative solution procedures result in high manual effort and, in ad-
dition, no guarantee concerning the quality of the solution can be given. Various authors
have therefore suggested the use of surrogate models, which do not require detailed spec-
ifications. Others have developed methods for the optimization-based process design by
means of superstructure optimization. Marquardt et al. (2008) proposed a framework
for an optimization-based design of hybrid separation processes, which combines shortcut
and rigorous evaluation steps. This framework has been successfully demonstrated for
conceptual design of various processes (see, e.g., Krämer et al., 2011).

In this thesis, the process design framework of Marquardt et al. (2008) is extended
towards the optimization-based design of reaction-separation processes. For this purpose,
powerful shortcut and rigorous evaluation methods for reactor networks and reaction-
separation processes are proposed. It is important to emphasize that all of these methods
are developed to be computationally efficient in order to allow an optimization-based design
and analysis of large-scale processes. As a consequence, cost-optimal process solutions
can be obtained with considerably less effort compared to the use of tedious repetitive
simulation studies. It also has to be stressed that the performance of all methods is
validated by large-scale industrial case studies. Thus, it is shown that the process design
framework can contribute decisively towards the sustainable solution of today’s challenging
design problems in chemical engineering.

After classical design methods for reactor networks, separation systems and reaction-
separation processes are reviewed in Chapter 1, the extension of the framework to reaction-
separation processes is presented in Chapter 2. The necessary extensions of both, the
shortcut evaluation methodology for the pre-selection of flowsheets and the rigorous opti-
mization procedure integrate existing and new approaches. After all of these advancements,
the process optimization problem minimizing total annualized cost and adjusting all de-
grees of freedom simultaneously is solved robustly within a few hours computational time.
In addition, the time for developing new and innovative processes can be significantly
reduced and the quality of the result is improved at the same time.
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5 Conclusions and final thoughts

The limitations of the framework is that the generation of alternative flowsheet variants
still requires expert knowledge and experience in order to come up with good alternatives
and as such the approach is not completely systematic. Especially for catalytic processes,
the necessary insight into the reaction cannot be generated fully in silico, but requires lab-
oratory experiments to determine important process parameters. To support this process,
an extension of the well known heuristic proposed by Douglas (1988) for the generation
of catalytic process variants is presented in Chapter 3. In this procedure, some decisions
related to the catalyst are explicitly addressed and laboratory experiments are integrated
into the design procedure.

In Chapter 4, the industrial case study for telomerization of 1,3-butadiene with methanol
is addressed in order to demonstrate the capabilities of the extended process synthesis
framework. This reaction is the key step of a novel route for 1-octene production. To
allow the utilization of the optimization-based design methods proposed in Chapter 2, two
literature-known palladium catalysts for the telomerization of 1,3-butadiene with methanol
are selected by the heuristic procedure presented in Chapter 3 and investigated by model-
based experimental analysis. Based on the results a novel process for telomerization of
1,3-butadiene is designed and evaluated. This novel process significantly outperforms the
current process in terms of raw material and catalyst cost, as well as energy demand for
separation. The operational cost for this process are more than 75% lower compared to
the commercially used process demonstrating the potential of careful conceptual design.
However, the process shows to be not stable in long term pilot plant experiments. Con-
sequently, a novel catalyst needs to be derived which might have the potential to replace
classical processes for the production of 1-octene, such as Fischer Tropsch synthesis or the
oligomerization of ethylene, and should be further investigated.

5.1 Open research topics

While this thesis presents a comprehensive methodology for the optimization-based design
of reaction-separation processes, it also provides a foundation for further extensions. The
two most important topics, according to the authors’ assessment, are briefly illustrated in
the following subsections.

Integration of model-based experimental analysis and process design

Reliable models for reaction and separation phenomena are the backbone of the model-
based process design methodology presented in this thesis. These models are often un-
known in the early design phase and need to be determined. Thus, data from laboratory
experiments - often statistically designed - are used to identify a suitable model struc-
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5.1 Open research topics

ture and to estimate its parameters. As model identification and process optimization
are typically executed sequentially, the region of confidence of the resulting models might
not match the relevant operating points of the process. Therefore, the model might not
be suitable to reliably design the process, it can leave the designer with significant un-
certainty concerning the predicted process performance and can complicate the decision
making. To avoid this problem, optimal experiments should be designed for proper model
identification, such that the uncertainty in the predicted process performance is minimized.
Therefore, a new problem formulation for optimal experiment design (OED), which min-
imizes the confidence in the process design (τ) rather than the uncertainty in the model
used in process design (σ), should be developed to overcome this limitation and embedded
in a novel workflow for integrated model identification and process optimization (cf. Figure
5.1 and Recker et al., 2013). Through a simple case study, Recker et al. (2013) showed
the potential in improving the process uncertainty by coupling process optimization and
model identification. This example motivates the development of a systematic methodol-
ogy that integrates process optimization and model identification through the propagation
of process uncertainty into the latter.

Distributed flowsheet optimization

An effective way to increase robustness of the rigorous optimization is to decrease the
number of equations of the flowsheet model. Although the number of equations of some
unit models can be reduced, e.g., by utilizing a collocation method (cf. Section 2.3.1) or
external functions (cf. Section 2.3.3) a more sophisticated optimization approach is desir-
able to simplify the industrial utilization of the model-based process design methodology
presented in this thesis. A promising approach for such a more sophisticated optimization
approach, which is currently used, e.g., for model-predictive control (Scheu and Marquardt,
2011), is the distributed optimization by sensitivity-based coordination (Scheu, Busch and
Marquardt, 2010). Within this approach, the overall problem is solved by solving a se-
quence of subproblems, which are connected with one another via a communicator. The
vigorous communication between the subsystems is realized by an adaption of the objec-
tive function of each subsystem, such that the subproblems can be solved independently
from each other. This approach is in principle applicable to many fields of application.
However, the nonlinearities encountered by recycle streams hinder the direct application
to distributed flowsheet optimization even for simple problems. Nevertheless, such a dis-
tributed flowsheet optimization approach could simplify the application of the model-based
process design methodology presented in this thesis to large-scale industrial processes and
should be further investigated.
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5 Conclusions and final thoughts

Figure 5.1: Left: sequential model identification and process optimization; right: envisioned
integrated model identification and process optimization.
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